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The main objective of this research is to investigate carbon dioxide (CO2) absorption
performance

of

aqueous

methyldiethanolamine

(MDEA)

and

activated

methyldiethanolamine (aMDEA) solvents in a module containing microporous
polypropylene cross-flow hollow fiber membrane coated with fluorosiloxane on the outer
surface of fibers; such a module was used for both absorption and stripping. To
investigate CO2 absorption rate, removal rate and recovery rate, a number of lab-scale
CO2 absorption-stripping experiments were conducted using these absorbents for
different operating conditions, such as gas flow rate, liquid flow rate, concentration of the
absorbent, type of stripping mode.
The experimental results reveal that overall mass transfer coefficient through the
membrane increases as aMDEA concentration increases from 80 vol % to 100 %. Due to
an increase in absorbent concentration, high amount of reactive amine molecules diffuses
to the gas/liquid contacting interface resulting in an increase in the chemical activity
between CO2 and amines. Moreover, overall mass transfer coefficient increases with
increasing gas velocity and concentration of amine, but it shows a decreasing trend with
increasing the liquid flow rate because of the residence time of absorption solution in
membrane contactor. The maximum 98.4 % of absorbed CO2 was recovered in case of
i

absorbent concentration of 90 % and in minimum gas, liquid and sweep gas flow rate
conditions. To obtain better results, lower sweep gas flow rate and humidified feed gas
flow rate should be suggested to provide better regeneration of the solvent and higher
recovery of the absorbed CO2 for future works.

Keywords: Post combustion CO2 capture, carbon capture and storage, membraneabsorption hybrid systems, membrane contactors, hollow fiber membrane.
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ÖZET

MEMBRAN-SOLVENT HİBRİT SİSTEMLERİYLE YANMA
SONRASI KARBONDİOKSİT TUTUMU

Aytaç Perihan AKAN
Doktora, Çevre Mühendisliği Bölümü
Tez Danışmanı: Prof. Dr. Gülen GÜLLÜ
İkinci Tez Danışmanı: Distinguished Prof. Dr. Kamalesh K. SIRKAR
Kasım, 2019, 278 sayfa

Bu araştırmanın ana amacı, hem absorpsiyon hem de sıyırma (stripping) için kullanılan
fiberlerin dış düzeyi floro-siloksan ile kaplanmış mikro-gözenekli polipropilen çapraz
akışlı hollow fiber membranlarda sulu metildietanolamin ve aktive edilmiş
metildietanolamine ile CO2 absoplama kapasitesinin araştırılmasıdır. Bu araştırma
amacına ulaşmak için, gaz akış oranı, sıvı akış oranı, absorban konsantrasyonu, sıyırma
için seçilen yöntem gibi farklı işletim koşulları için bu absorbanlar kullanılarak bir dizi
laboratuvar ölçekli CO2 absorpsiyon-sıyırma deneyleri gerçekleştirilmiştir. Bu
çalışmada, bu işletim koşullarının membran-solvent ikili sistemleri ile deneysel
çalışmalar aracılığıyla CO2 absorpsiyon oranı, CO2 giderim oranı ve CO2 kazanım oranını
nasıl etkileyebileceği araştırılmıştır.
Deneysel sonuçlar, membran boyunca toplam kütle transfer katsayısının, MDEA
konsantrasyonu % 80 den % 100’e ulaşması durumunda arttığını ortaya koymaktadır.
Absorban konsantrasyondaki artıştan dolayı, yüksek miktarda reaktif amin molekülü,
CO2 ile aminler arasındaki kimyasal aktivitede artışa yol açan gaz ve sıvının temas ettiği
ara yüzeye yayılır. Ayrıca, toplam kütle transfer katsayısı, artan gaz hızı ve amin
konsantrasyonu ile birlikte artış göstermişken, absorban çözeltisinin membran
iii

kontaktöründeki kalış süresi nedeniyle sıvı akış hızının artması ile azalan bir eğilim
göstermiştir. % 90'lık absorban konsantrasyonunda ve minimum gaz, sıvı ve süpürme
gazı (sweep gas) akış hızı koşullarında, maksimum absorplanan CO2’in % 98.4’ü geri
kazanabilmiştir. Gelecekteki çalışmalarda daha iyi sonuçlar elde etmek için, solventin
daha iyi rejenerasyonu ve absorplanan CO2'nin daha yüksek geri kazanımı sağlamak için
daha düşük süpürme gazı (sweep gas) akış hızı ve daha düşük nemlendirilmiş besleme
gazı hızı önerilebilinir.

Anahtar Kelimeler: Yanma sonrası CO2 tutumu, karbon yakalama ve depolama,
membran-absorpsiyon hibrit sistemleri, membran kontaktörleri, hollow fiber membran.
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1. INTRODUCTION

Recently, increase in carbon dioxide (CO2) concentrations have been leading to some
global environmental problems, such as climate change triggering to increasing in the
atmospheric temperature, increasing sea levels and melting glacier because of human
activities (Cao et al., 2017; Wang et al., 2017). Among human activities, more particularly
energy required to meet human needs and to maintain technological and industrial
improvements is of the upmost importance in terms of undesirable consequences of
increasing CO2 emissions. To generate electricity, the cheapest way is to burn coal that is
relatively abundant in energy-consuming countries and is the fundamental source
emitting CO2 emissions into the atmosphere (Wang et al., 2017). To overcome
environmental issues resulting from the release of CO2 emissions to atmosphere, various
methods have been produced and applied (Labreche et al., 2016). In this context, post
combustion carbon capture (PCC) from flue gas (FG) released from coal-fired power
plant (CFPP) has considerably gained a great attention to mitigate CO2 emissions (Ptisfer
et al., 2017).
In recent years, membrane contactors employing microporous to remove CO2 from gas
mixture have been extensively investigated. The microporous membrane plays a role as
a constant filter between two phases (gas-liquid) without dispersing between them. The
membrane contactors (MCs) have various advantages in accordance with conventional
gas absorption processes, such as packed column in PCC. These superior properties can
be listed as high interfacial area, modular and independent flow control between two
phases preventing any problems, such as flooding and entrainment problems
(Mansourizadeh and Ismail, 2009).
Due to these advantages based on operational and economical improvements, membranebased absorption and stripping processes for different operating conditions including gas
flow rate (GFR), liquid flow rate (LFR), absorbent concentration, type of absorbent and
mode of the stripping are investigated to determine CO2 absorption rate, CO2 removal
rate, CO2 recovery rate, overall mass transfer coefficient (MTC) and volumetric MTC by
using a new type membrane with a tertiary amine as an absorbent for the removal of CO2
from simulated humidified FG in this study.
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An important issue based on the energy consumption in CCS process via absorption
involves the cost of absorbent regeneration. In conventional systems involving a primary
amine such as monoethanolamine (MEA), the stripping temperature is quite high 110120 oC at~ 2 atm for feed flue gas at ~40-50 oC (Rochelle, 2009). Further, the solution
contains ~30% MEA in water. Therefore, the heating energy input at a high temperature
requires one to heat up and evaporate the water as well. Conditions are not very different
if a tertiary amine, methyldiethanolamine (MDEA) is used. For example, Li et al. 2017
employed 40-50 wt % MDEA containing a small amount of activator, piperazine (PZ), in
water as absorbent and a first stage stripping temperature of 119-128°C and pressure drop
of ~60 psi during regeneration. The membrane material in the module is also important.
Li et al. 2017 employed highly hydrophobic microporous hollow fiber membranes of
polyetheretherketone (PEEK) a polymer that is order/s of magnitude costlier than
conventional membrane contactor polymers like polyvinylidene fluoride (PVDF),
polypropylene (PP) etc. The chemistry of CO2 absorption is also quite important for
efficient CO2 stripping as well. The absorption of CO2 by MDEA, a tertiary amine, needs
the presence of water. Addition of small amounts of other non-tertiary amines such as
piperazine and creating an activated solution, aMDEA, provides the higer CO2 absorption
rates. In FG absorption process, FG is saturated with moisture. Therefore, in a possible
scenario, the tertiary amine absorbent does not need to have any water since it will come
from the flue gas itself. Correspondingly, during stripping if the absorbent is pure aminebased without any water, any loss of moisture due to stripping conditions will also
facilitate CO2 stripping during the reversible reaction. This will reduce the volume of
circulating absorbent liquid, eliminate heat utilized to evaporate the water as well as
potentially create conditions for lower temperature desorption of CO2; these are important
in making the process highly energy efficient. In this study, pure aMDEA was used as a
liquid absorbent with humidified feed flue gas that does not need the extra water to
activate pure MDEA. This new approach can be evaluated as original contribution of this
study to the literature by using a novel membrane coated with fluorosiloxane on outer
surface of fiber along with tertiary amine (pure aMDEA) as an absorbent for both the
absorber and the stripping membrane contactors.
This thesis consists of 5 Chapters: Chapter 2 consists of theoretical information about the
importance of post-combustion CO2 capture, technologies used in carbon capture and
storage, membrane gas absorption processes constituting the baseline of this study and
2

also the previous studies implemented by using membrane gas absorption techniques to
separate CO2 from gas streams. Chapter 3 presents a description as to materials, such as
liquid absorbents, membrane contactors and methods used to measure CO2 outlet of the
absorber and the stripper contactors. Chapter 4 features the results including analytical
measurements, statistical analyses and the calculation of the energy needed for the
process. Chapter 5 shows the conclusions from this stuy and some suggestions for future
works.
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2. THEORETICAL BACKGROUND
2.1. Global Warming and Greenhouse Gases
There is no doubt that one of the vital significant threats facing the world recently is
global warming, which will substantially impact our future generations (Powell and Qiao,
2006). It is a well-known fact that the rapid growth of the population and the advances in
the industry have rapidly increased the energy needs of countries (Yang et al., 2008). The
most common known and serious anthropogenic activity bringing about the greenhouse
effect is that FFs used in the power plants in order to produce electrical energy which is
one of the most basic needs of humanity. The release of high concentrations of
greenhouse gases (GHGs) such as carbon dioxide (CO2), methane (CH4),
chlorofluorocarbons (CFCs) and nitrous oxide (N2O) to the atmosphere from humanbeing related to electricity production from CFPP is shown as the fundamental reason for
global warming (Abu Zahra et al., 2007; Yang et al., 2008; Olajire, 2010; Ibrahim et al.,
2018; Song et al., 2018). Even though CH4 and CFCs show higher greenhouse effect,
CO2 is a gas exhibiting the largest contributor to global warming among all GHGs (Yang
et al., 2008; Olajire, 2010). In accordance with the Intergovernmental Panel on Climate
Change (IPCC), almost biggest part of the rise in atmospheric CO2 (75 %) is stemmed
from the burning of fossil fuels (FFs) (Olajire, 2010). CFPP all over the world release
approximately 2 billion tones of CO2 per year (Brunetti et al., 2010). The increase in
GHGs depending on energy consumption will reach by approximately 30 % by 2040
(Luis Muiguez, 2018) and this increase will considerably contribute to the increase in
atmospheric temperature resulting in a variety negative impacts on earth, like increasing
sea level, and loss of biodiversity (Powell and Qiao, 2006; Illiuta et al., 2015). Various
methods related to CO2 capture and storage can be applied to reduce GHGs (Powell and
Qiao, 2006; Xu et al., 2008; Luis Míguez, 2018). In this context, The United Nations
Framework Convention on Climate Change (UNFCCC) takes some precautions to
mitigate GHGs emissions in the atmosphere to an acceptable value that does not
contribute to global warming (Labreche, 2016). Reduction of total CO2 emissions can be
succeeded by three main options: i) decreasing energy intensity, ii) decreasing carbon
intensity, and iii) increasing CO2 sequestration (Olajire, 2010). Moreover, considering
the long-period aims of the Paris Agreement in 2015 consisting of limiting temperature
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rise, greenhouse gas reduction targets of the ten largest emitters based on 2016 are
presented in Table 2.1 (International Energy Agency (IEA), 2018a).
Table 2.1. Greenhouse gas reduction targets of the ten largest emitters based on 2016
(IEA, 2018a).

Apart from these countries, CO2 emissions of Turkey placed amongst the other IEA
member countries were 129 MtCO2, 216 MtCO2 and 339 MtCO2 in year 1990, 2005 and
2016, respectively, while its GHG target for year 2020 is not specified (IEA, 2018a).

2.2. Carbon Dioxide
CO2 stemming from especially combustion of FFs, such as coal, petroleum and natural
gas is the largest contributor to greenhouse effect bringing about global warming and
other environmental issues (Li et al., 2005; Xu et al., 2008; Illiuta et al., 2015; Wang et
5

al., 2015; Labreche, 2016; Luis, 2016; Mustafa et al., 2016; Zhao et al., 2016). Since CO2
is a gas having an acidic structure, it leads to corrosivity affecting negatively to gas
transportation. Hence, natural gas stream should contain less than 2 % CO2 to prevent
corrosivity in the pipeline by applying a variety of methods to decrease CO2 content in
gas streams (Mustafa et al., 2016). Since CO2 is continuously cycled in the earth, it does
not have a specific lifetime and the total amount of carbon on earth does not change (Yang
et al., 2008; Luis et al., 2011). CO2 concentrations in atmosphere has exhibited a
remarkable increase from pre-industrial eras (approximately 280 ppm) to recently (413.92
ppm) in July 2019, with an increase of 3 ppm in 2010 alone (Merkel et al., 2010; Luis et
al., 2011; Zhao et al., 2016; NOAA, 2019).

In accordance with report published by IEA in 2018, global CO2 emissions depending on
fuel combustion were 32.31 GtCO2 in 2016 and they showed a rise around 1.5 % in 2017
due to the contributions of China, India and the European Union as presented in Figure
2.1 (IEA, 2018b).

Figure 2.1. CO2 emissions from combustion of fuel global trend (IEA, 2018b).
According to Figure 2.1, global CO2 emissions showed an increase at the average annual
rate of 2.6 % owing to particularly China but emissions in China between 2015 and 2016
exhibited a decrease around 50 MtCO2. Moreover, CO2 emissions showed a decrease at
the average annual rate of 2 % (120 MtCO2) and 1% (30 MtCO2) for US and Europe,
respectively in 2017 (IEA, 2018b).
6

2.2.1. Sources of Carbon Dioxide
CO2 emissions are mainly stemmed from combustion of FFs, such as coal in power plants
and also in homes, offices and industries (Abu Zahra et al., 2007; Illiuta et al., 2015).
Apart from heat and power production based on combustion of FFs, a number of industry
processes namely oil refineries, cement, steel, aluminum and limestone manufacturing
plants and also natural gas sweeting release CO2 emissions in the remarkable amount to
the atmosphere (Steeneveldt et al., 2006; Illiuta et al., 2015). Figure 2.2 presents shares
of total primary energy supply (TPES) and CO2 emissions with respect to various sources
for year of 2016. The fossil share of TPES globally was 81% (from coal) and 60 % (from
oil). Moreover, coal was the source causing the highest CO2 emissions (44%) in 2016.
Emissions from coal was strongly driven by China (IEA, 2018b).

60%
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Figure 2.2. TPES and CO2 emissions for year 2016 (IEA, 2018b).
Emissions from coal decreased by around 1.5 % per year between 2013 and 2016, while
emissions from oil and gas had smoother growth trends over time, continuing to rise after
2013 (+ 4% and + 5% respectively, in three years) as presented in Figure 2.3.
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Figure 2.3. CO2 emissions by source (IEA, 2018b).
In 2016, coal emissions decreased by almost 300 MtCO2 globally due to the decrease in
emissions in US (-7%), and Europe countries including UK (-49%), Spain and Italy (11%) and Germany (-5%) (IEA, 2018b).

According to the report of IEA in 2018, global CO2 emissions by sector are divided into
5 main groups: electricity and heat, industry, buildings, transport and other. Here other
represents agriculture/forestry, fishing and other non-specified sectors. In 2016, one
quarter of global emissions stemmed from electricity and heat production in Asia,
accounting for more than 60 % of global emissions followed by Africa and Oceania with
43 %, Europe with 41 %, Americas with 35 % emissions from electricity and heat
generation. Figure 2.4 shows CO2 emissions in 2016 by sector except of electricity and
heat generation for selected regions including Africa and Oceania, America, Asia and
Europe continents. (IEA, 2018b).
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Figure 2.4. CO2 emissions by sector for selected regions in 2016 (IEA, 2018b).
According to Figure 2.4, half of emissions in Asia resulted from industry sector, while
the largest contributor in Americas was transport sector, accounting for 36 % of total
emissions. In Europe, buildings were a remarkable source bringing about releasing of
CO2 emissions in 2016 (IEA, 2018b).
According to the report of national inventory submissions of UNFCCC published in 2019,
CO2 emmisssions of Turkey in year of 2017 by sector using energy totally includes
366,898 kt in which energy industries, such as heat production consist of 153,557 kt and
manufacturing and construction industries, such as iron and steel consistitute 599,58 kt
CO2 emissions (UNFCC, 2019).

2.3. Alternatives to Mitigate Carbon Dioxide Emissions
In accordance with the report of IPCC in year of 2013, the concentration of CO2 had
increased in the ratio of 40 % when it compared with the beginning of the industrial era
due to the combustion of FFs and various industrial activities, such as cement, iron-steel
production (Illiuta and Illiuta, 2015; Luis Míguez et al., 2018). The most significant
options for the mitigation of greenhouse gases stemming from FFs can be listed as the
usage of CO2 capture and storage (CCS) technologies and improvements in energy
efficiency and so decreasing the energy demand (Powell and Qiao, 2006; Abu Zahra et
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al., 2007; Kuramochi et al., 2012). These alternatives were explained by Yang and coworkers in 2008 as three options; i) the reduction in energy intensity requiring efficient
utilization of energy, ii) the reduction in carbon intensity in other words reducing the
carbon footprint requiring the usage of non-FFs like renewable energy sources and iii)
improvement of technologies related to CCS (Yang et al., 2008; Ibrahim et al., 2018).

2.4. Carbon Capture and Storage (CCS)
CCS technology is a promising method to mitigate CO2 emissions in atmosphere along
with developments in energy efficiency (Luis and Van der Bruggen, 2013; Kuramochi et
al., 2012; Merkel et al., 2010; MacDowell et al., 2010). The conventional CCS technology
includes three steps in which CO2 separation and capture from FG is called as the first
step. The second step consists of compression and transportation of emissions to an area
for storage. The last and third step includes sequestration in a permanent or semipermanent region like oceanic locations (Jones, 2011; Abu Zahra et al., 2007; Luis and
Van der Bruggen, 2013). The schematic representation belonging in these three steps are
presented in Figure 2.5.

Figure 2.5. The main steps in a conventional CCS process (Jones, 2011).
Three main methods for CCS: post-combustion CO2 capture (PCC), pre-combustion
capture and oxy-fuel combustion capture are shown in Figure 2.6 (Merkel et al., 2010;
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Olajire, 2010; Wang et al., 2015; Labreche, 2016; Luis, 2016; Zhao et al., 2016; Ibrahim
et al., 2018). Among them, PCC can be considered as the simplest approach, although it
has some disadvantages causing the decrease in its effectivity and the increase in its cost
because of its special features, such as low FG pressure (≈1atm) and low CO2
concentration in FG (typically 12-15 mol %) (Zhao et al., 2016; Wang et al., 2017;
Ibrahim et al., 2018).

Figure 2.6. Diagrams showing PCC, pre-combustion and oxy-fuel combustion methods
(Figueroa et al., 2008).
Post-Combustion Capture (PCC)
The fundamental objective of PCC is separation of CO2 from FG. Typical CFPP consist
of two fundamental works: i) fuel is burned with air to generate steam and then, ii) steam
produced moves to a turbine to produce electricity (Blomen et al., 2009). At the end of
these stages, contaminants in the boiler exhaust or flue gas including considerably
nitrogen (N2) and CO2, nitrogen oxide (NOX) and sulfur oxide (SOX) must be removed
before releasing into the atmosphere. Usage of post-combustion capture unit is proposed
after reducing of these contaminants by conventional purification systems as presented in
Figure 2.7 (Oexmann et al., 2012; Wang et al., 2017). In post-combustion capture, the
treatment of FG can be implemented after combustion step. To obtain more concentrated
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and purified CO2 needed for transportation and storage, these type of approaches are
preferred in power plants and in other plants, such as cement, iron-steel and
petrochemical. (Favre, 2011).

Figure 2.7 Diagram for a CFPP with PCC (Oexmann et al., 2012; Wang et al., 2017).
The most remarkable challenges related to application of PCC approach in CFPP are low
partial pressure of CO2 in FG (Blomen et al., 2009; Wang et al., 2017). The low
concentration of CO2 in FG stemming from power plants bring about the increase of
volume of gas and this situation leads to high capital costs. Consequently, the relatively
high temperature of FG, low partial pressure of CO2 in FG and low CO2 concentration
and also trace impurities in the FG causing degradation of solvents related to corrosion
problems can be listed as the major disadvantages in the application of PCC technique
(Blomen et al., 2009; Olajire, 2010). There are various separation techniques like
chemical absorption including solvent scrubbing, adsorption, gas-separation membranes,
gas-absorption membranes to capture CO2 in FG. In amine scrubbing, chemical solvents
react with CO2 in the FG and then solvents are heated for its regeneration at high
temperature and so purified CO2 is obtained to compress and store (Blomen et al., 2009).
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Pre-Combustion Capture
In a pre-combustion system, coal is reacted with either steam or oxygen for the chemical
degradation and generate syngas including both carbon monoxide (CO) and hydrogen
(H2). This cycle is described as gasification. After gasification process, the syngas is then
sent to the reactor converting CO to CO2 and generating H2 in the presence of steam. At
that moment, high partial pressure provides an adequate driving force to separate CO2.
Then CO2 can be separated from FF by a physical process or both physical and chemical
processes and H2-rich syngas is sent to turbine to be combusted and generated electrical
(Blomen et al., 2009; Olajire, 2010). Schematic representation for pre-combustion
capture is exhibited in Figure 2.8.

Figure 2.8. Mechanism of pre-combustion capture (Jansen et al., 2015).
Oxy-fuel Combustion Capture
In oxy-fuel combustion, fuel (coal, gas and oil) reacts with oxygen in place of air to
combust the fuel. After this reaction, FG including CO2, H2O, oxidized components
(SO2/SO3) and also N2 and Argon (Ar) owing to oxygen impurities is produced (Blomen
et al., 2009). At the end of the system, a CO2/H2O mixture is produced as flue gas
including CO2 with high concentration and then CO2 with high purity can be produced
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after water condensation process (Olajire, 2010; MacDowell et al., 2010; Favre, 2011).
In case of the fact that FF is reacted with pure oxygen instead of air, the flame temperature
extremely increases. Process diagram for oxy-fuel combustion is exhibited in Figure 2.9.

Figure 2.9. Process diagram of oxy-fuel combustion (Zheng et al., 2015).
Oxy-fuel combustion offers several advantages: FG with high CO2 concentration (80%),
a reduction in the ratio of 60 - 70 % in NOX emissions because of flue gas recycle
compared to air-fired combustion, less requirement for both volume and weight and so
less facility area requirement and less cost (Zheng et al., 2015).
2.5. Carbon Dioxide Separation and Capture Technologies
There are several technologies proposed for CCS based on pre-combustion and postcombustion options (Powell and Qiao, 2006; Yang et al., 2008; Ibrahim et al., 2018).
Absorption, adsorption, cryogenic distillation and membrane processes are techniques
mostly preferred CO2 capture as shown in Figure 2.10 (Powell and Qiao, 2006; Abu Zahra
et al., 2007; Illiuta et al., 2015).
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Figure 2.10. Conventional CO2 capture technologies, in which CLC is Chemical Looping
Combustion (Rao and Rubin, 2002; Olajire, 2010).
Among these technologies, the absorption process showing the highest removal
efficiency is generally preferred to separate CO2 from flue gas in conventional gas-liquid
contactors (Illiuta et al., 2015). Table 2.2 gives information about some challenges of
CO2 capture processes (Song et al., 2018). Moreover, Table 2.3 compares these
technologies in terms of their performance on the application of post-combustion CO2
capture (Wang et al., 2015).
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Table 2.2. Schematic diagram of some of CO2 capture techniques (Song et al., 2018).
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Table 2.3. Post-combustion CO2 capture status in terms of technical improvement (Wang
et al., 2015).

2.5.1. CO2 Absorption Processes
Absorption of CO2 using the solvent occurs either with physical absorption or with a
chemical absorption. In this process, a gas stream reacts with a liquid to degrade
components. If remarkable chemical reactions do not implement between liquid and gas,
interaction between absorbent and gas is generally defined as physical absorption, while
if it takes place as reversible or irreversible, this interaction is described as chemical
absorption. Chemical reaction has some superior properties than physical absorption,
such as high CO2 absorption rate (Luis and Van der Bruggen, 2013).

2.5.1.1. Physical Absorption
Physical absorption occurs according to Henry’s Law under operating conditions
especially temperature and pressure affecting efficient CO2 removal by physical CO2
absorption process (Olajire, 2010; Yu et al., 2012). In physical absorption, since the
reaction of CO2 and absorbent is low, the energy needed for regeneration is lower than
chemical absorption of CO2 (Olajire, 2010). Some of absorption processes of CO2
physically can be listed as Selexol Process using dimethylether or propylene glycol as an
absorbent, Fluor Process using propylene carbonate as an absorbent, Rectisol Process
using methanol as an absorbent, and Purisol Process using N-methylpyrrolidone as an
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absorbent as well as Morphysorb Process using morpholine as an absorbent (Olajire,
2010; Yu et al., 2012).

2.5.1.2. Chemical Absorption
In this absorption processes, a solvent dissolving CO2 is preferred and this solvent does
not have a property that dissolves other gases in a FG stream, such as oxygen, nitrogen.
In chemical absorption process, absorbed CO2 within the solvent called as the CO2-rich
solution feeding to regeneration unit providing stripping of absorbed CO2 under high
temperatures, and then regenerated solvent called as lean solvent recycling into the
system for a new run of FG. The equipment for the absorption should be placed before
the stack causing FG stream (Aaron et al., 2005).

A general chemical absorption process is exhibited in Figure 2.11. In this process, a
counter flow is present in which FG is fed to end point of the absorber and flows top of
absorber in contrast to the direction of the absorbent solution. When the gas and the
absorbent are contacted each other, CO2 in FG is absorbed via solvent. At this moment
the rich-solution enters the stripper from the top (Wang et al., 2017).

Figure 2.11. A main chemical absorption process in PCC (Wang et al., 2017).
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Amine-Based Absorption
CO2 separation from FG by aqueous amine solutions is used since the 1930s and is applied
for CO2 removal from some components, such as natural gas, hydrogen (Jones, 2011).
Amine-based absorption is the same process with chemical absorption processes
mentioned in Section 2.5.1.2. (Zhao et al., 2016; Vitillo et al., 2017).
PCC process using amine is presented in Figure 2.12. The FG from the power plant
exposures pretreatment to remove undesirable items, such as NOx and SOx having a
negative impact on CO2 absorption before entering the absorber. Moreover, the FG
temperature has to become 45–50 °C before entering the absorber to prevent solvent loss
and increase absorption rate (Zhao et al., 2016).

Figure 2.12. A typical amine-based absorption for PCC process (Zhao et al., 2016).
This technology, employing amine solution like monoethanolamine (MEA) as an
absorbent, is a process preferred in especially CO2 separation from natural gas. The
fundamental reaction for this process is: (Aaron et al., 2005; Olajire, 2010).
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C2H4OHNH2 (MEA) + H2O + CO2 ↔ C2H4OHNH3+ + HCO3-

(2.1)

Figure 2.13 shows reaction mechanisms between CO2 and amines.

Figure 2.13. Reactions for CO2 capture via amine-based systems (Yang et al., 2008;
Olajire, 2010).
2RNH2 + CO2 → RNHCOO- + RNH3+

(2.2)

in which R is an alkanol group. The carbamate (RNHCOO-) can be then dissolved into
bicarbonate (HCO3-) in accordance with th reaction below:
RNHCOO- + H2O → RNH2 + HCO3-

(2.3)

Because of the disassociation of CO2 and aqueous amines, the basic reaction is the
formation of a carbamate stemming from the formation of a zwitterion meaning dipolar
ion that net charge of the entire molecule is zero, and also deprotonation of the zwitterion.
Substitution of Eqn. 2.2 and Eqn. 2.3 is written as Eqn. 2.4 (MacDowell et al., 2010).
CO2 + 2R1R2NH ↔ R1R2NCO2- + R1R2NH2+

(2.4)

The carbamate converts bicarbonate by a hydrolysis reaction (Eqn. (2.5)) and then
bicarbonate forms (Eqn. (2.6)): (MacDowell et al., 2010).
R1R2NCO2- + H2O ↔ R1R2NH + HCO3-

(2.5)

CO2 + OH- ↔ HCO3-

(2.6)
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The CO2 absorption mechanisms by aqueous tertiary amines are diverse from primary
and secondary amines. These tertiary groups do not show reaction with CO2 without being
water. The reaction for CO2 and aqueous tertiary amines is: (MacDowell et al., 2010).
CO2 + H2O + R1R2R3N ↔ R1R2R3NH+ + HCO3-

(2.7)

Amine-based absorption technology has some disadvantages like toxicity, high
corrosivity, low CO2 loading causing the new researches which will maximize CO2
absorption efficiency and minimize operating and investment costs (Yang et al., 2008;
Olajire, 2010; Luis et al., 2011). In this context, to decrease the heat needed for
regeneration is upmost importance in especially recent studies. Temperature for
regeneration is approximately 120 0C under slight pressure range from 0.06 to 2.5 bar
(Bhown and Freeman, 2011; Moullec, 2013).
Aqueous ammonia (NH3) having lower absorption rate than MEA is recently researched
as a solvent for PCC as an alternative to use of MEA because of the fact that ammonia
process does not lead to absorbent degradation problems resulted from SO2 and O2
contents in flue gas (Olajire, 2010; Luis and Van der Bruggen, 2013). CO2 and NH3 under
the dry FG circumstance very easily react with each other and constitute the ammonium
carbamate (NH2COONH4), while under humidified flue gas conditions they can generate
ammonium carbonate ((NH4)2CO3) and then convert to ammonium bicarbonate
(NH4HCO3). Thereactions are presented below: (Olajire, 2010)
COO(&) + 2NHI(&) ↔ NHO COONHU(V)

(2.8)

NHO COONHU(V) + HO O(W) ↔ (NH4)2CO3(s)

(2.9)

NHO COONHU(V) + HO O(/) ↔ NHU HCOI(V) + NHI(&)

(2.10)

There are some pros and cons related to application of absorption process for capturing
of post-combustion CO2. One of the advantages offered by absorption process is the
reduction of the cost of the material thanks to the regeneration of the solvent sending into
the regenerator. Another advantage is the non-dependence on human operators that means
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providing minimization in human duties like addition of the solvent into the absorber
thanks to continuously monitoring. As for disadvantages of absorption process, they can
be listed as regenerability of the solvent, oxygen content of the solvent causing corrosivity
in carbon-steel plants, presence of acidic gases like SOx, NOx in FG stream causing the
formation of stable salts by amines and high temperature of flue gas (Aaron et al., 2005).

2.5.2. Membrane Processes
Membranes have been extensively preferred in numerous separations for the last 20 years
(Yang et al., 2008). They can be inorganic, metallic, polymeric, and solid-liquid forms
(Aaron et al., 2005). Membrane systems have various superior properties, such as their
modular appearance providing adaptability in accordance with the treatment
requirements, the prevention of typical difficulties like foaming, flooding and finally easy
scale-up in comparison to conventional techniques. However, membranes result in mass
transfer resistance (MTR) because of membrane itself. It affects economic appliciablity
of the system because the larger MTR brings about higher membrane area needed for
PCC (Luis and Van der Bruggen, 2013). Other issues limiting use of membrane to capture
CO2 from FG can be listed as i) low concentration of CO2 in FG requiring large amounts
of gases to be treated, ii) high temperature of FG damaging a membrane, iii) chemicals
in flue gas that are chemically degradable with membranes (Brunetti et al., 2010).

2.5.2.1. Membranes in Post-Combustion CO2 Capture
Membranes were first performed for PCC in the early 1990s (Jones, 2011). There are two
main methods using membranes for PCC. Membranes are used as a selective barrier
contributing to faster permeation of one compound than another compound present in gas
mixture (Luis and Van der Bruggen, 2013). Driving force is stemmed from pressure
difference (Luis and Van der Bruggen, 2013).
As for the second approach, membranes are a physical barrier providing the separation of
the phases. In this approach, the membrane does not have a contribution on the selectivity.
Membrane contactors represents this second approach (Luis and Van der Bruggen, 2013).
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2.6. Membranes for Gas Separation
Membrane separation was originated in 1866 by Graham (Mustafa et al., 2016). The
important improvements related to gas separation was implemented in 1980s and 1990s
(Mustafa et al., 2016). Membranes used in gas separation are also employed in various
industrial fields, such as the purification of H2 (Powell and Qiao, 2006; Mustafa et al.,
2016).
The mechanism of membrane separation processes is presented in Figure 2.14. Firstly,
FG has to been sent to a wet scrubber to cool down its temperature until appropriate
temperature for the membrane, before entering the membrane module. Permeate and
retentate gases are illustrated in Figure 2.15.

Figure 2.14. Schematic diagram of gas-separation membrane (Wang et a, 2017).
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Figure 2.15. Separation mechanism in gas-separation membrane (Olajire, 2010).
The membranes used as a selective barrier mentioned in Section 2.5.4.1 can be either
supported liquid membranes or gas permeation (Luis and Van der Bruggen, 2013).

2.6.1. Mass Transfer in Membrane Gas Separation
The porosity and hydrophobicity of the membrane has a vital importance on the transfer
between the phases (Ozturk and Hunghes, 2012). The mass transfer for the selective
membrane are presented in Figure 2.16 (Luis and van der Bruggen, 2013).
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Figure 2.16. Mass transfer mechanism for selective membranes: a) gas permeation; b)
supported liquid membrane (Luis and van der Bruggen, 2013).
Mass transfer through porous membranes can be based on some mechanisms, such as
Knudsen diffusion, molecular sieving, solution-diffusion separation, viscous flow. They
all are schematically shown in Figure 2.17 (Olajire, 2010; Luis and Van der Bruggen,
2013; Mustafa et al., 2016).

Figure 2.17. Shematic representation of transportation of gas molecules through
membarene: a) viscous flow; b) Knudsen flow; c) molecular sieving; d)
solution-diffusion (Luis and Van der Bruggen, 2013).
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Molecular sieving and solution-diffusion show a great importance on the membranes
depending on the separation mechanism. Knudsen separation can occur via gas molecules
passing through membrane pores (Olajire, 2010; Mustafa et al., 2016). When radius of
pore is less than mean free path of gas molecules, Knudsen diffusion dominates. As for a
solution-diffusion mechanism Fick’s first law is applied under steady-state circumstances
in which the concentration does not change with time:

X = −[

\]

(2.11)

\^

where D is the diffusion coefficient, c is the concentration and x is position.

X=

_

ab − ac

`

(2.12)

where l is the membrane thickness, cf and cp are the concentration on feed and permeate
side of the membrane. In accordance with Henry’s law,
a = d×f

(2.13)

S represents the solubility coefficient and p is the pressure. The combination of Eqns.
(2.11) and (2.12) presents the following equation:
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2.6.2. Membrane Material and Module Design for Membrane Gas Separation
Membrane materials, such as organic and inorganic and also module design in other
words configuration of the module have an important impact on membrane gas separation
processes.

2.6.2.1. Membrane Material for Membrane Gas Separation
It can be easily said that membrane material is significant to obtain the effective CO2
separation from FG. Permeability affecting the separation degree and selectivity affecting
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the CO2 concentration in the permeate gas are two main features for gas separation in
terms of membrane material. Membrane material mostly can be characterized by three
types: inorganic (carbon, zeolite, ceramic or metallic), organic (polymeric) and hybrid
membrane (Olajire, 2010; Labreche, 2016; Wang et al., 2017). Hybrid membrane
includes both inorganic and organic membrane material to facilitate from their advantages
(Wang et al., 2017). Moreover, membrane can be porous and non-porous. The porous
membrane has a border role between two phases. The nonporous membrane plays a role
on selectivity of the membrane (Ozturk and Hunghes, 2012). Membrane materials can be
divided into two groups: i) organic membrane includes polymeric membranes and
inorganic membranes includes carbon, alumina, silica, zeolite membranes.

2.6.2.2. Module Design for Membrane Gas Separation
Design of membrane module used for gas separation is significant. For polymeric
membranes, different types of module designs are significantly used: spiral wound,
hollow fiber membrane (HFM) and envelope. Packing density meaning interfacial area is
a parameter to be considered in the configuration of module. The packing density for
spiral wound module can change between 100 and 400 m2/m3. The packing density for
HFM is very high (up to 30000 m2/m3). The packing density of an envelope module
usually changes between 300 and 1000 m2/m3 (Wang et al., 2017). Comparison of
membrane modules in terms of several properties is presented in Table 2.4 (Wang et al.,
2017).
Table 2.4. Comparison of membrane modules (Wang et al., 2017).
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HFMs are manufactured in the 1960s for reverse osmosis (RO) applications (Khulbe and
Matsuura, 2016).

2.7. Hybrid CO2 Capture Processes
CO2 capture processes consists of are single technologies including one process such as
absorption or adsorption. To combat with issues from single stage separation, hybrid
processes can be used as a promising technique. Two or more conventional separation
methods, such as absorption and membrane form hybrid process. The combination of
diverse techniques can have advantages over single separation methods (Song et al.,
2018). Hybrid CO2 capture techiques are divided into four groups as presented in Figure
2.18 (Song et al., 2018).
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Figure 2.18. Hybrid CO2 capture processes (Song et al., 2018).
2.8. Absorption-Based Hybrid Processes
Absorption-based hybrid systems can be divided into three groups including membrane
contactor called as also membrane gas absorption (MGA) process, absorption-membrane
process as shown in Figure 2.18.
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2.8.1. Membranes for Gas Absorption (Membrane Contactor)
Membrane contactor (MC) technology is also called as MGA. MC has gained attention
since 1980s, with Qi and Cussler who firstly used HFM contactor to capture CO2 (Qi and
Cussler, 1985a; Qi and Cussler, 1985b; Zhao et al., 2016). MGA is process in which two
gas and liquid contact to each other (Yang and Cussler, 1986; Klaassen et al., 1996; Feron
et al., 1997). In MGA process, gas to be removed is contacted with an absorption liquid
in MC (Klaassen et al., 2005). The gas and liquid are sent to membrane contactor from
opposite direction to each other. The absorbent has to have a high affinity with
constituents to be captured from FG. The different configuration of MC is presented in
Figure 2.19.
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Figure 2.19. Membrane gas absorption processes. a) membrane-striper, b) absorbermembrane, c) membrane (absorber)-membrane (stripper) (Song et al.,
2018).
Physical absorption or chemical absorption occur in MC. The membrane used does not
provide the selectivity: the membrane provides the separation between phases and large
surface area between phases (Klaassen et al., 2005; Li et al., 2005).
The major advantages of this technology are i) independent control of two phases, ii)
known interfacial area (Luis and Van der Bruggen, 2013). MC has some properties
presented in in Figure 2.20.
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Figure 2.20. Advantages and disadvantages of MC (Zhao et al., 2016).

2.8.1.1. Membrane Properties for Membrane Contactors
In a gas-liquid MC, a variety of kind of membranes like symmetric or asymmetric
hydrophobic porous membranes providing separation of phases can be preferred.
Hydrophobic polymer materials are generally preferred in MC (Mansourizadeh and
Ismail, 2009). When membrane contactors with hollow fiber are compared with
conventional absorption techniques, hollow fiber membrane contactors (HFMCs) can
offer higher interfacial area as shown in Table 2.5. Therefore, MC can become more
effective to absorp gas because of reduction in size of absorber and stripper. This
efficiency can be provided by employing a membrane with greatly porous structure
(Mansourizadeh and Ismail, 2009).
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Table 2.5. Specific surface area of MC (Mansourizadeh and Ismail, 2009).

2.8.1.2. Membrane Materials for Membrane Contactors
The choice of membrane material impacts absorption and chemical stability
(Mansourizadeh and Ismail, 2009). Among a variety of hydrophobic polymers,
polypropylene (PP), polyethylene(PE) and polytetrafluoroethylene (PTFE) are generally
preferred. PTFE membrane shows high resistance to wetting for long-period operation
(Mansourizadeh and Ismail, 2009). PVDF membranes are preferred in terms of good
chemical and thermal resistances (Mansourizadeh and Ismail, 2009). Furthermore, an
inorganic membrane can offer better chemical, thermal stability (Mansourizadeh and
Ismail, 2009).

2.8.1.3. Membrane Module Design for Membrane Contactors
Longitudinal-flow and cross-flow modules according to flow directions of phases are
used in MC (Li et al., 2005).
Types of Membrane Module
Longitudinal Flow Module
In longitudinal flow or parallel flow, phases flow in parallel (either counter-currently or
concurrently) to each other reversely. A schematic representation of the module is
illustrated in Figure 2.21. Its simplicity in manufacturing is a good point for its usage, but
it has an issue related to low mass transfer efficiency (Li et al., 2005; Mansourizadeh and
Ismail, 2009; Zhao et al., 2016).
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Figure 2.21. Schematic descriptions of parallel-flow HFMC (Li et al., 2005; Zhao et al.,
2016).
Cross-Flow Module
Cross-flow module offering high mass-transfer (Li et al., 2005) is illustrated in Figure
2.22.

Figure 2.22. A schematic description of a cross-flow HFMC (Li et al., 2005).
High mass transfer, high specific surface area, low pressure drop and easy scale up are
some properties of the module (Klassen et al.,2005).
Flat Sheet Membrane
Flat sheet membrane presents lower membrane area in constrast to HF module. However,
it has some superior properties over HFMs, such as easy of module assembly and ease of
membrane production (Zhao et al., 2016).
Tubular Membrane (Hollow Fiber Membrane)
A tubular membrane module is described as HFM module. HFMCs are generally
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preferred to capture CO2 with numerous absorbents by a chemical absorption (Xu eta l.,
2008; Zhao et al., 2016). In conventional gas separation processes, the HFMs are
produced from dense inner skin layer (Xu et al., 2008).

2.8.1.4. Mass Transfer in Membrane Contactors

Membrane gas absorption process depends on contact between gas and liquid phases
through hydrophobic porous membrane. Generally, gas fills hydrophobic membrane
pores. (Mansourizadeh and Ismail, 2009; Luis and Van der Bruggen, 2013).
In a MC, gas and liquid phases are separated via porous membranes. Mass transfer
through porous membrane is presented in Figure 2.23. The mechanism consists of steps:
(i) diffusion from bulk gas to gas-membrane interface, (ii) diffusion through membrane
pores from gas-membrane interface to liquid-membrane interface, and (iii) transportation
from liquid-membrane interface to bulk liquid. At the end of mass transfer in MC,
physical and/or chemical absorption occurs (Mansourizadeh and Ismail, 2009; Zhao et
al., 2016).
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Figure 2.23. Mass transfer mechanism through a porous membrane in which (A) nonwetted mode; (B) wetted mode (C) through a hollow fiber (Zhao et al.,
2016).
Figure 2.23 (A) exhibits the mass transfer through a porous membrane in the non-wetted
mode. Gas flux (N) for gas, membrane and liquid regions are presented in following
equation (Eqn. 2.15) (Zhao et al., 2016)
i = jk lkm − lkn = jn lkn − l`n = j` ,`n − ,`m

(2.15)

where kg, km and kl are individual mass transfer coefficients for gas, membrane and liquid,
respectively. P and C are gas partial pressure and liquid concentration, respectively. The
subscripts gb, gm, lm and lb show gas bulk, gas-membrane interface, liquid-membrane
interface and liquid bulk, respectively (Zhao et al., 2016). In accordance with Henry’s
Law, gas partial pressure is associated with gas concentration dissolved in liquid:
l`n = o×,`n

(2.16)
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where H is the Henry’s Law constant.
The overall mass transfer coefficient (MTC) Kg based on gas phase and Kl based on liquid
phase can be expressed by
i = pk lkm − l∗ = p` , ∗ − ,`m

(2.17)

l∗ = o,`m qrs lkm = o, ∗

(2.18)

Where P* is the gas partial pressure above liquid at equilibrium and C* is gas
concentration dissolved in liquid.
Based on Eqns (2.15) - (2.18), we obtain:
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When considering the wall thickness, we obtain:
i = jk lkm − lkn zs{ | = jn lkn − l`n zs}~ | = j` ,`n − ,`m zs |

(2.20)

i = pk lkm − l∗ zs{ | = p` , ∗ − ,`m

(2.21)

zs |

where do, di and dIn are outer, inner and logarithmic mean diameters of membrane,
respectively (Zhao et al., 2016).
Overall MTC Kg based on the gas phase, and Kl based on the liquid phase can be
respectively expressed as:
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Taking the enhancement factor (E) because of chemical reaction into consideration:
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When liquid phase is on tube side without wetting, above equatins can be used. If the gas
phase is on tube side, we obtain:
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In accordance with a diverse expression of Henry’s Law in membrane processes:
The ,`n = ol`n , obtaining (Zhao et al., 2016)
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Schematic representation of membrane absorption is presented in Figure 2.24.
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Figure 2.24. Schematic representation of CO2 membrane absorption (Li et al., 2005).
Membrane mass transfer
If mass transfer through membrane can cause from diffusion, Fick’s law explains masstransfer.
jn = [k,Ü ∙

à

(2.27)

âä

where ε is membrane porosity; Dg,e represents effective membrane diffusion coefficient;
δ and τ

are membrane thickness and tortuosity, respectively. Effective membrane

diffusion coefficient includes both bulk and Knudsen diffusion coefficient.
Jt
Jt
[k,Ü
= [k,m
+ [wJt

(2.28)

Pores of the membrane are assumed as gas-filled, from two regimes either bulk diffusion
or Knudsen diffusion depending on the pore diameter, dp can form the main mechanism
for diffusion through membrane.
If dp<1x10-7 m, Knudsen diffusion is dominant.
If dp>1x10-5 m, bulk diffusion dominates.
If 1x10-7 m <dp< 1x10-5 m, both Knudsen and bulk diffuision can be present.
The bulk diffusion coefficient is calculated in accordance with kinetic theory of gases
(Eqn. 2.29):
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åçé

[w = pã ∙

(2.29)

èê

where M is molecular weight of gas; and K0 is associated with both the morphology of
the membrane and the interaction between the molecules and porous structure. K0 is equal
to (4ε x dp) /3δ.
The membrane resistance is related to membrane mode of operation (non-wetted, wetted
or partially wetted). In non-wetted mode and wetted mode, indivial MTC (kmg and kml)
are explained via Eqn. 2.30 and Eqn. 2.31 (Mansourizadeh and Ismail, 2009).

jnk =

jn` =

_v,ëíí àx

(2.30)

ä x `x

_ y àx

(2.31)

ä x `x

Knudsen diffusion coefficient, Dg,Kn (m2/s) is expressed via Eqn. 2.32 (Mansourizadeh
and Ismail, 2009).

[k,uÉ = 0.97óc

é ã.ò

(2.32)

ê

where rp shows pore radius in cm.

Experimental mass transfer coefficient
To calculate overall and individual MTC, the required paramaters are obtained by
experimental studies. The overall MTC (Koverall) based on liquid phase is calculated by
Equation (2.33):

p{ôÜöõ`` =

úy ùy,Åûü Jùy,ÑÉ

(2.33)

† ∆ù yx
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where Ql is liquid flow rate, Cl,out and Cl,in represent the liquid phase outlet and inlet
concentration of the gas, respectively. A is gas-liquid contact area and (∆C)lm is the
logarithmic mean driving force based on liquid phase concentration:

∆,

`n

∗
∗
ùÑÉ
Jùy,Åûü J ùy,Åûü
Jùy,ÑÉ
∗
ùy,ÑÉ Jùy,Åûü
}~
∗
ùy,Åûü
Jùy,ÑÉ

=

(2.34)

The C*l,in and C*l,out hypothetical liquid phase concentrations in equilibrium related to
gas phase concentration, Cg, expressed by Henry’s law :
,`∗ = o ,k

(2.35)

The overall MTC is expressed as the following equation:
iù°$ = p{ôÜöõ`` ∆,ù°$ ,`n

(2.36)

The overall MTR can be identified as 1/Koverall that can be calculated in accordance with
equation 2.37 as shown before (Luis, 2012; Luis and Van der Bruggen, 2013):
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Required membrane area with respect to Koverall can be expresses as (Luis and Van der
Bruggen, 2013):
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Koverall is in the range of 10-3 – 10-5 ms-1 (Luis and Van der Bruggen, 2013).
Membrane contactors in CO2 desorption
The usage of MC in CO2 desorption is not adequate, yet. In CO2 desorption, gas–liquid
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MC can be employed.
CO2 stripping
CO2 desorption through a non-wetted porous membrane is illustrated in Figure 2.25. In
contrast to CO2 absorption, CO2 is transported from liquid phase to in opposite to CO2
absorption (Zhao et al., 2016).
Studies on CO2 desorption by MC are relatively rare because of the fact that higher
temperatures than that in absorption process are needed for the efficient CO2 stripping.
We know that most polymer membranes are not durable high temperatures. Hence, the
usage of polymer MC in CO2 desorption are not suitable technically (Zhao et al., 2016).

Figure 2.25. Mass transfer mechanism of CO2 from the liquid phase to the gas phase in
desorption (Zhao et al., 2016).
2.8.1.5. Major Challenges for Membrane Contactors
It can be easily stated that four major factors have to be considered to combat with
problems related to usage of MC. They are listed as i) wetting of membrane increases
MTR, ii) limited long-term stability, iii) volatility of solvent and iv) presence of other
compounds in FG such as SOX and NOX (Luis, 2012; Zhao et al., 2016).
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Membrane Wetting
In MGA process, it is major that two phases (gas and liquid) do not mix to prevent the
increase in MTR in a liquid filled membrane pore in contrast to a gas filled pore. To
provide it, the absorption liquid is not permitted to flow the pores of the membrane
(Klassen et al., 2005). Chemical reactions between membrane and absorbent in a MC will
result in membrane degradation and then membrane wetting will dominate (Zhao et al.,
2016).
The pores of membrane are filled with either gas or liquid. Three modes of wetting in MC
have been accepted: A) non- wetting mode, (B) complete-wetting mode and (C) partialwetting mode (Mansourizadeh and Ismail, 2009; Zhao et al., 2016). Operating modes of
wetting in MC are presented in Figure 2.26 (Ibrahim et al., 2018).

Figure 2.26. Operation modes in HFM in the gas-liquid interface a) no wetting, b)
complete wetting, c) partial wetting (Ibrahim et al., 2018).
Wetting in MC is the most major issue to combat, since it can considerably increase the
MTR and decrease MTR due to lower diffusivity of the solute in the stagnant liquid in
the pore and thus bring about a decrease in absorption performance (Ozturk and Hunghes,
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2012; Zhao et al., 2016). If liquid absorbent has a high surface tension, it does not show
wetting on hydrophobic membranes like PP and PTFE. If the contact angle is less than
900, wetting will be observed. For a liquid absorbent, minimum pressure (breakthrough
pressure) to be fed on liquid phase to introduce through membrane pore can be expressed
by the Young-Laplace equation (Li et al., 2005):

∆l =

U®© ™2A ´

(2.39)

Äx§¨

where ∆P and σL are penetration pressure or wetting pressure and the surface tension of
liquid, respectively; θ represents the contact angle between the fluid phase and membrane
and dmax is the maximum membrane pore diameter.
Liquid does not penetrate into membrane pores when pressure difference between two
phases (liquid and gas) in membrane pores is lower than the penetration pressure
(Rongwong et al., 2009). Factors affecting wetting phenomenon in MC is presented in
Figure 2.27.

Figure 2.27. Factors influencing wetting phenomenon in membrane gas absorption
(Ibrahim et al., 2018).
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Surface Tension and Contact Angle
The contact angle is expressed as angle that is between vapor−liquid and solid−liquid
interfaces. The contact angle is employed as an indicator of surface hydrophobicity. A
contact angle smaller than 90° (hydrophilic surface) signifies high potential of wetting
because of liquid dispersion on surface as shown in Figure 2.28 (Ibrahim et al., 2018).
Table 2.6 exhibits the surface tension of different absorbents (Ibrahim et al., 2018).

Figure 2.28. Liquid drop shape at different contact angles (Ibrahim et al., 2018).
Table 2.6. Surface tension of several amines at different concentrations (Ibrahim et al.,
2018).

In the case of low affinity between absorbent and membrane material, the contact angle
between liquid and membrane material should be larger than 900 to prevent wetting. The
critical surface tension of polymers and contact angles with water are presented in Table
2.7.
Table 2.7. Critical surface tension of polymer materials (Naim et al., 2015).
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In addition to surface tension, viscosity and concentration as well as temperature of the
absorbent liquid are also important factors affecting membrane wetting. Absorbents with
high viscosity should be preffered to prevent wetting. Moreover, the increase in the
absorbent concentration causing the reduction in surface tension and breakthrough
pressure leads to membrane wetting. Furthermore, the increase in the temperature of the
absorbent liquid can bring about decline in breakthrough pressure to be resulted in wetting
(Ibrahim et al., 2018).
Membrane Wetting Prevention
To avoid wetting, trans-membrane pressure should be always smaller than penetration
pressure. According to Young-Laplace equation, penetration pressure is increased thanks
to some applications: i) usage of absorbents with high surface tension, ii) to increase the
cosine of contact angle, and iii) use of membranes with small pore size (Li et al., 2005;
Mansourizadeh and Ismail. 2009; Zhao et al., 2016; Ibrahim et al., 2018):
Long-term stability of membrane
Many solvents may chemically react with the polymer. This situation adversely affects
the surface of membrane (Luis et al., 2011).
Chemical Stability
Chemical stability of membrane material influences its long-term stability (Li et al., 2005;
Mansourizadeh and Ismail, 2009).
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Thermal Stability
Thermal stability of membrane is another significant factor. Under high temperature
conditions, membrane material is not durable to chemical degradation. The glass
transition temperatures for polymers, in gas absorption MC are illustrated in Table 2.8
(Li et al., 2005; Mansourizadeh and Ismail, 2009).
Table 2.8. Glass transition temperature Tg of polymers (Li et al., 2005; Mansourizadeh
and Ismail, 2009).

Solvents used
Solvents are used as sigle or mixture in the studies. Mix solvents can offer advantages to
the solution due to different properties of each solvent (Wang et al., 2015). In MC, both
chemical and physical absorbents can be used for PCC (Zhao et al., 2016).
Alkanolamine
Amines and their blends are generally used as chemical absorbents for PCC. An amine is
an organic component stemmed from ammonia (NH3) (Wang et al., 2015). The number
of carbon atoms in amine group determines type of amine. Primary, secondary and
tertiary amines have one, two and three carbon groups bounded to amine group,
respectively, as seen in Figure 2.29.
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Figure 2.29. Schematic representation of a) primary, b) secondary, c) tertiary amines.
Owing to the presence of at least one hydrogen atom, primary and secondary amines react
strongly and at elevated reaction rates with CO2, even at low partial pressures. However,
they high volatility and require oxidation inhibitors owing to corrosion and degradation
issues. Tertiary amines provide higher CO2 loadings and have lower energy requirements.
Nevertheless, they have considerably slower kinetics, thus requiring the use of promoters
(Lioniel and Thomas, 2013; de Sousa Gomes, 2015). The most reactive amine to CO2 is
primary amine amongst all alkanolamines is MEA (Zhao et al., 2016).
MDEA [CH3(CH2CH2OH)2N] can be represented as R3N. The reaction of MDEA, H2O
and CO2 are as follows:

COO + R I N + HO O

COO + OH J

≠$$ Ø$

J
HCOJ
I + OH

Ø±

R I NH ∞ + OH J

2HO O

Ø≥

≠$Æ ØÆ

R I NH ∞ + HCOJ
I

(2.40a)

HCOJ
I

(2.40b)

COOJ
I + HO O

Ø≤

(2.40c)

R I N + HO O

(2.40d)

OH J + HI O∞

(2.40e)

The reaction between CO2 and tertiary alkanolamine produces protonated amine and
bicarbonate.
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¥t ¥O ¥I + ,HO + oO H
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(2.41)

When relatively small amounts of activators like piperazine (PZ) added to MDEA, higher
MTC and more CO2 removal efficiency can be obtained comparison with non-activated
MDEA that does not include any activator (Ibrahim et al., 2018). Reaction mechanism
between MDEA and PZ are as follows (Closmann et al., 2009):
oO H + l∂ + ,HO ↔ l∂,HHJ + l∂o∞

(2.42)

∑[∏• + ,HO + oO H ↔ ∑[∏•o∞ + o,HIJ +

(2.43)

Ammonia
The usage of ammonia to separate gases was started in the 1950s. Ammonia is a
promising candidate to capture CO2 from FL, while it is poisonous volatile gas (Zhao et
al., 2016).

Potassium Carbonate (K2CO3)
Potassium carbonate (K2CO3) shows higher CO2 absorption capacity than MEA and
DEA. Its cost is lower. K2CO3 is safer in CO2 removal due to absorption of H2 (Wang et
al., 2015 ; Zhao et al., 2016).

Piperazine
PZ is a diamine solvent in which one of the amine groups implements a fast reaction with
CO2 to generate the carbamate while another amine absorbs the released proton as shown
in Figure 2.30 (Alvis et al., 2012).
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Figure 2.30. Shematic representation of piperazine (Alvis et al., 2012).

Ionic Liquids
Ionic liquids (ILs) have some features like thermal stability, negligible vapour pressure
and high CO2 solubility. However, ILs have high or superhigh viscosity (Wang et al.,
2015). ILs are described as organic salts with melting temperatures less than 100 °C (Zhao
et al., 2016; Luis, 2016). The initial use of ILs as membranes was as a supported ionic
liquid membrane (Noble et al., 2011).

Absorbent selection criteria
Liquid absorbents to be used have to show some properties to obtain higher absorption
rate and decrease MTR. Liquid absorbents can be selected as the following criteria
(Mansourizaeh and Ismail, 2009):
•

High affinity with CO2

•

Appropriate surface tension

•

Chemical compatibility with membrane component

•

Low vapor pressure and good thermal stability

•

Easiness of regeneration
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Membrane materials in membrane contactors
Membrane contactors should have the following characterictics to obtain better CO2
absorption efficiency (Zhao et al., 2016):
•

High thermal resistance to decomposition at high temperature

•

Good chemical stability to the absorbent

•

High hydrophobicity

•

High porosity to decrease the mass transfer resistance.

Non-polar polymers can be considerd as suitable membrane materials due to chemical
compability between the liquid absorbent and polymer (Klassen et al., 2005).

2.9.

Literature Review

There are various alternatives for PCC and these are generally known as chemical and
physical absorption processes, membrane processes used as a selective and non-selective
barrier, in other words membrane gas separation and MGA techniques, as well as
adsorption and cryogenic separation processes as mentioned before [Yang et al., 2008;
Zhang et al., 2010]. MGA process is one of the most promising options among these
alternatives owing to its advantages, such as larger gas-liquid interfacial area, easier scaleup, independent phase interactions in comparison with conventional techniques like
packed towers [Zhang et al., 2010].
Qi and Cussler in 1985 firstly introduced microporous HFM for gas absorption and
compared these membrane contactors with the performance of packed towers by looking
at their mass transfer coefficients. They found that the most superior property of the usage
of microporous HFMs in gas absorption to packed towers was to have a much larger gasliquid interfacial area making mass transfer faster. However, there was a significant
obstacle of this kind of technology over mass transfer, and this was to add a new MTR to
the system due to membrane itself [Qi and Cussler, 1985a; Qi and Cussler, 1985b]. After
the studies performed by Qi and Cussler in 1985 MGA processes in post-combustion CO2
capture have been significantly preferred as an outstanding technique in many studies
[Zhang et al., 2010].
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To select a suitable liquid absorbent with low viscosity, high surface tension, low vapour
pressure, high chemical reactivity with CO2, high selectivity for CO2 over N2 and to
choose a proper membrane that has some significant properties such as, hydrophobic
structure, more resistance to wetting, high thermal and chemical resistance, high mass
transfer contacting area, and relatively cheap and easily available play a remarkably major
role in MGA processes since these processes depend on the interactions between
membrane and absorbent. That is why, an overview of CO2 separation from FG via
membrane contactors from the literature to be presented in this section is classified under
two main titles explained below:

2.9.1. Overview of Types of Liquid Absorbents Used in Membrane Contactors to
Capture CO2 from Flue Gas
In literature, liquid absorbents that have been studied up to now can be basically divided
into three main groups: i) amine-based solutions consisting of primary, secondary, tertiary
amines as well as polyamines, diamines and sterically hindered amines and ii) ionic
liquids and finally iii) aqueous solutions containing reactive compounds. MEA is a
volatile solvent bringing about the loss of solvent and energy requirement during
regeneration of the solvent. Owing to high energy-intensive demands in the last decade,
the researchers have been focusing on ionic liquids having high boiling point and so low
vapor pressure preventing energy consumption. In some studies, aqueous solutions, such
as amino acids, ammonia, sodium hydroxide have been employed as an absorbent in a
membrane contactor [Luis and Van der Bruggen, 2013; Luis et al., 2011]. Referring to
the literature findings based on the usage of various liquid absorbents to capture CO2 from
FG stream in a membrane contactor, a brief summary is compiled and presented below:
Yeon et al. (2005) investigated the removal and the recovery of CO2 from FG using PVDF
porous HFMCs with two types of the solvent containing MEA and triethanolamine (TEA)
as the absorbents. In accordance with the experimental results, MC increased the available
gas-liquid contactor area and MTC. Hence, membrane contactor contributed to a higher
CO2 removal efficiency than the conventional processes, such as a packed column
meaning the absorption tower.
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Yan et al. (2007) investigated CO2 removal from FG by absorbing CO2 with various
absorbents consisting of aqueous solutions of PG, MEA and MDEA in PP HFMs and
evaluated the results in terms of the wetting phenomenon. Moreover, mass transfer rate
of CO2 was investigated with respect to some operational terms, such as the flow rate of
gas and liquid, concentration of absorbent and volumetric concentration of CO2 in the
flue gas. In accordance with outcomes of the study, PG with lower concentration (0.5
mol/L) among absorbents showed a lower potential to wet the PP membrane under
moderately operating time (40 h) and under these conditions, CO2 removal efficiency was
found as about 90 %.
Lin et al. (2009a) evaluated mixed absorbents including 2-amino-2-methyl-1-propanol
(AMP) + PZ and MDEA + PZ along with PVDF membrane contactor in terms of CO2
absorption rate. Addition of PZ as a promoter to the liquid absorbent AMP that is
sterically hindered amine showing higher cyclic capacity of CO2 like MDEA that is both
tertiary amine and sterically hindered amine brought about the improvement of absorption
rate.
Zhang et al. (2009) investigated the efficiency of CO2 removal from a gas mixture by
employing PP microporous HFMCs along with aqueous solutions of potassium glycinate
as the absorbent liquid by evaluating MTC of CO2 under several operating conditions
containing liquid flow rate, concentration of the absorbent and absorbent solution
capacity as well as absorption solution CO2 loading. The experimental results revealed
that the increase in the absorption solution CO2 loading resulted in the decrease in MTC
of aqueous potassium glycinate, gradually.
Chen et al. (2011) and Chen et al., (2010) explored CO2 recovery by using an absorbent
consisting of the mixture of AMP and MEA as well as PZ in the presence of asymmetric
and symmetric PTFE MC under varying operating conditions, such as gas flow rates,
liquid flow rates and absorbent mixtures. They found that the increase in the liquid flow
rate provided the increase in CO2 recovery and absorption fluxes. Moreover, the
significant result from the experiments of this study was that the usage of absorbent
mixture played a major role to create the synergistic impact on CO2 recovery.
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Mulukutla et al. (2014) investigated CO2 capture and recovery from simulated FG by
using a novel nonvolatile reactive absorbent including [bmim][DCA] ionic liquid
containing 20 % PAMAM dendrimer generation zero with porous hydrophobic PP hollow
fiber membrane contactors (where the hollow fibers had a porous fluorosiloxane coating)
for both absorption module and stripping module in the presence or absence of moisture.
The PAMAM dendrimer consists of four primary amines and two tertiary amines that
need moisture to be activated, so the humidification module exists in the gas phase of the
study. The general result obtained from this study was that CO2 concentration out of
stripper found as 92 vol %. Approximately 99% of the absorbed CO2 was recovered while
employing 20 wt % dendrimer solution in [bmim][DCA] ionic liquid.
Mulukutla and co-workers (2015) examined CO2 removal from FG by using a nonvolatile
reactive absorbent including the mixture of 80 % polyamidoamine (PAMAM) dendrimer
generation 0 and 20 % of 1-Buthyl-3-methylimidazolium dicyanamide ([Bmim][DCA])
ionic liquid in a novel porous HFMs consisting of absorption and stripping units with
temperature swing process over a temperature range of 50-97 0C. In the novel membrane
contactor consisting of two sets of mixed HFs, one set of HFMs have porous and
hydrophobic structure providing the opportunity for non-dispersive gas absorption or
stripping, while the other set of hollow fibers show properties, such as solid, nonporous
and impervious to moisture and inert gases and also hot water is preferred in the bore of
these fibers to heat the absorbent and to strip the absorbed CO2. The experiments for
absorption was carried out at 50 0C, while the temperature needed for stripping changed
between 85 and 97 0C. In the conclusion of this study, when moisture existed at 50 0C,
the value of equilibrium CO2 absorption in the mixture of 80 % PAMAM dendrimer
generation 0 and 20 % of [Bmim][DCA] ionic liquid was found to be as high as 6.37
mmol CO2/g absorbent.
Masoumi et al. (2016) used two aqueous amino acid salts consisting of potassium
glycinate (PG) and potassium sarcosine (PS) having low volatility and high surface
tension properties for modelling of CO2 removal using HFMs. Moreover, they compared
the modelling results with the previous bench-scale CO2 capture studies based on several
absorbents like PG, MEA, DEA and MDEA under high CO2 partial pressure conditions.
The results showed that PG was superior to other aqueous amine solvents and PS in terms
of absorption and removal of CO2.
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Cao et al. (2017) compared Koverall of CO2 absorption into different amine solvents
including MEA, MDEA and diethylethanolamine (DEEA) at diverse operating
circumstances, such as absorbent type, concentration of absorbent, velocities of gas and
liquid in HFMs. They concluded that MEA presented the highest Koverall value followed
by DEEA and MDEA, respectively for all conditions except for amine concentration.
Another conclusion of the study was that Koverall values for all absorbents showed an
increasing linear relationship with all operating conditions.
Cui and DeMontigny (2017) investigated the absorption of CO2 into both aqueous MEA
and aqueous ammonia for three different absorbent concentrations in the range of 1-3
kmole/m3 by using hollow fiber PTFE membrane contactor in terms od volumetric mass
transfer coefficient (VMTC). According to the experimental results, the same absorbent
concentration for aqueous MEA and aqueous ammonia showed the same VMTC.
Gómez-Coma and co-workers (2017a) evaluated Koverall of CO2 absorption into 1-ethyl3-methylimidazolium ([Emim] [Ac]) being a promising ionic liquid to capture CO2 from
flue gas in terms of its high chemical absorption and CO2 solubility in presence of PVDF
HFMs. Apart from overall MTC, they compared activation energy (Ea), and resistance of
the hollow-fiber membrane with the previous studies. They found higher Koverall value
and lower Ea value than the results of the previous studies related to conventional
absorbents and PVDF hollow fiber membrane contactor.
Rostami et al. (2018) investigated the impact of aqueous solutions of IL including [Bmim]
[BF4] and mixture of IL with MDEA on the absorption of CO2 using PP HFMCs
Absorbent concentrations are 0-75 wt % IL, 25 wt % IL + 75 wt % water, 10 wt % MDEA
+ 90 wt % water and 20 wt % IL + 10 wt % MDEA + 70 wt % water, respectively.
Experimental results showed that a mixture of IL and MDEA consisting of 20 wt % of IL
and 10 wt % of MDEA increased the absorption capacity about 10 % in accordance with
pure 10 wt % MDEA aqueous solution.
Villeneuve et al. (2018) studied CO2 capture via aqueous ammonia with commercially
produced composite membrane (Oxyplus®) in different operating conditions, such as low
temperature and dry inlet gas. They observed precipitation fouling on lumen side of
membrane where gas circulated because of crystallization of ammonium salts under these
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operating conditions. However, under real flue gas conditions, namely in the use of
CO2/N2 mixture saturated with water vapor, no fouling was observed, and CO2 capture
efficiency stayed stable for long-period, surprisingly. It can stem from microcondensation and dissolution of the ammonium salts. This study emphasized also the
significance of water content in flue gas to obtain the effective results.

2.9.2. Overview of Types of Membranes Used in Membrane Contactors to Capture
CO2 from Flue Gas
MC technology generally prefers a non-dispersive microporous membrane sensitive to
wetting problem (Ghobadi et al., 2018). This type of membrane contactor exhibits mass
transfer resistance in long-term scale studies because of the fact that membrane pores
filled with gas started to fill with the solvent in the experiments over especially 8 hours.
In this context, some suggestions such as usage of a thin, highly permeable dense layer
supported microporous membrane can be considered to cope with this wetting problem.
Considering the studies conducted with different types of membrane to capture CO2 from
FG in a membrane contactor, a brief summary is presented below:

Yeon et al. (2003) investigated the determination of mass transfer rates for the chemical
absorption of CO2 from FG by using PTFE and PVDF microporous HFMs when was
used aqueous MEA solution as an absorbent. Experimentally, it was found that the
absorption rate per surface area showed high values in PVDF membrane in contrast to
PTFE membrane owing to the non-wetted circumstance of the membrane pore.
DeMontigny et al. (2006) investigated CO2 absorption rate in MGA process by using PP
and PTFE microporous HFMCs accompanied by aqueous alkanolamine solutions of
MEA and AMP as absorbents. Experimental results revealed that the performance of
PTFE membranes did not alter with time, while one of PP membranes decreased towards
over time when used alkanolamine solutions to absorb CO2 from feed gas including CO2
concentration in the range of 6.8 % and 14.9 %.
Franco et al. (2008) investigated MTC through hydrophobic microporous HFMCs by
employing different membrane materials including PP, PTFE and PVDF in MGA
56

processes with MEA as an absorbent. According to experimental results, membrane
materials were in the order PTFE > PP > PVDF with regard to their CO2 absorption
performance using MEA in the MGA process.
Khaisri et al. (2009) investigated the impact of membrane type on MGA process with
HFMCs consisting of physical and chemical absorption. In both physical and chemical
absorption processes, three diverse types of membrane containing PP, PTFE and PVDF
were used to evaluate the performance of the MGA. In experiments with physical
absorption, pure CO2 standing feed gas and deionized water as an absorbent were used,
while a simulated FG stream including CO2 15% balanced with air as a feed gas and MEA
as an absorbent were used in chemical absorption ones. In accordance with the
experimental results, CO2 absorption performance followed the order: PTFE > PVDF >
PP.

Zhang et al. (2010) investigated the effect of membrane porosity in which that is 79 %,
69 %, 52 % for PTFE and 30 %, 20 %, 12 %, 1.5 % for PP on mass transfer behavior. In
addition to membrane porosity, absorbent pH value and LFR on MTC were also
investigated. It was found that membrane porosity has less effect on MTC when both
absorbent pH and LFR are relatively low. High absorbent pH and high LFR cause an
increase in MTC. According to the result of this study, high LFR and pH causes an
increase in MTC by increasing the membrane porosities.

Albo et al. (2011) investigated MTC using PP HFMC along with 1-ethyl-3methylimidazolium ethylsulfate [Emim] [EtSO4] ionic liquid as an absorbent liquid.
Experimental results showed that 28–35 % of CO2 can be recovered and an overall MTC
was found as 3.69 ± 0.18 × 10-7 ms-1.
Amaral et al. (2016) investigated the efficiency of CO2 removal from a FG mixture by
employing HFMCs with microporous PP and composite PTFE/polyethersulfone (PES).
They found that composite HFMCs in the removal of CO2 from FG including 20 % v/v
CO2 balanced with N2 is more efficient than microporous HFMs owing to greater surface
area available for mass transfer.
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Mansourizadeh et al. (2016) compared the performance of polyetherimide (PEI) and
PVDF membrane contactors in terms of CO2 flux. According to the result of this study,
the PVDF membrane showed CO2 flux of 1.5 x10-3 mol/m2s which was 35 % higher than
the flux of PEI membrane. Another result is that the PVDF membrane showed lower
MTR than PEI membrane contactor owing to the higher wetting resistance and surface
porosity.
Gómez-Coma et al. (2017b) investigated CO2 absorption performance in terms of the
overall MTC by using PVDF HFMC and [Emim] [Ac] ionic liquid as an absorbent liquid.
In this study, mass transfer coefficient value was found as 1.7 x10-5 ms-1 that is higher
value than other studies in the literature related to PVDF HFMCs using conventional
solvents.
To determine the effect of operating conditions such as FGFR, LFR and the type of
absorbent, previous studies related to MGA process employed to capture CO2 stemming
from FG of any power plant were also presented below:
Xu et al. (1998) investigated the impact of PZ concentration in the range of 0 - 0.515
kmol/m3 on CO2 loading in MDEA solutions. The results obtained from experimental
studies showed that the increase of PZ concentration in MDEA solution has a positive
impact on the CO2 loading.
Bishnoi and Rochelle (2002) investigated CO2 absorption performance by using mixture
of PZ and MDEA due to this blends have an ability to fastly absorb CO2 in contrast to the
mixture of MDEA with either MEA or DEA. In this context, experimental results showed
that PZ/MDEA blends were superiror than both MEA/MDEA and DEA/MDEA mixtures
in terms of CO2 absorption capacity. Moreover, the increase in the concentration of
MDEA from 45 wt % to 50 wt % contributed to the increase in the CO2 absorption almost
two orders of magnitude and one order of magnitude in case of low loading and moderate
loading, respectively.
Lu et al. (2005) investigated CO2 capture from CO2/N2 gas streams by using HFMC with
activated MDEA and MDEA as a liquid absorbent to compare the effect of the type of
absorbent. They also investigated the impact of a variety of operating conditions, such as
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FGFR, LFR, membrane pore-wetting on the system performance. Experimental results
showed that studies with activated MDEA provided higher overall MTC than those with
MDEA. Also, CO2 removal efficiency reached more than 99 % using activated MDEA.
These results showed that the activation of MDEA with PZ in a small quantity has a major
impact on the increase of mass transfer.
Lu et al. (2007) investigated CO2 capture from CO2/N2 gas streams via MGA process in
which MDEA is an absorbent liquid and while AMP and PZ are used as activators to
obtain activated MDEA. Experimental results showed that activated MDEA provided
better CO2 absorption capacity and mass transfer coefficient were improved by adding a
small amount of activator into the absorbent solution. Moreover, PZ showed superior
properties than AMP in terms of improvement of mass transfer coefficient.
Lin et al. (2008) compared CO2 absorption rates using gas absorption membrane process
containing PVDF HFMC and aqeous solutions of PZ and AMP for different FGFR, LFR
and liquid absorbent concentrations. In accordance with the experimental results, the
increase in both FGFR and LFR provided an increase in CO2 absorption rate. The increase
in CO2 absorption rates was observed by inserting a bit PZ. It can be easily said that the
addition of PZ into the liquid absorbent provides an enhancement on MTC and CO2
absorption rate.
Lin et al. (2009b) investigated CO2 absorption flux rates using gas absorption membrane
process containing PP HFMC and aqeous solutions of PZ and alkanolamine for different
FGFR, LFR and liquid absorbent concentrations. In accordance with the experimental
results, the increase in FGFR and the absorbent concentration improved CO2 absorption
flux.
Paul et al. (2009) investigated behavior of CO2 using mixture of 2-(1-piperazinyl)ethylamine (PZEA) in the range of 0 – 0.3 kmolm-3 and MDEA in the range of 1 – 1.7
kmolm-3 in a conventional column absorber. Experimental results with kinetic studies,
PZEA showing better reaction rates on conventional amines can be used as an ideal
promoter. Addition of this promoter (PZEA) in the small amount into the aqueous
absorbent (MDEA+H2O) significantly increased thereaction rate constants.
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Rongwong et al. (2009) examined the CO2 absorption and membrane wetting rate by
using PVDF HFMC with MEA, DEA and AMP absorbent solutions as both a single and
mixed amine solutions. In accordance with the experimental results, MEA showed the
highest CO2 flux and overall MTC, while DEA gave the lowest values in terms of both
CO2 flux and overall MTC.
Capannelli et al. (2013) investigated CO2 absorption rate by using different absorbent
solutions including MEA, PZ and potassium carbonate to compare the impacts of their
concentrations on CO2 absorption rate. The experimental results showed that PZ showed
a most substantial effect on enhancement of CO2 absorption, while potassium carbonate
showed the lowest impact on CO2 uptake.
Li et al. (2017) investigated CO2 capture from flue gas via membrane contactor process
containing poly(ether ether ketone) (PEEK) HFM and activated MDEA as a liquid
absorbent for different conditions like LFR, liquid temperature and FG pressure.
Experimental results showed that VMTC was 1.5 s-1 and CO2 removal rate reached to
91.3 %. When the results are evaluated in terms of operating conditions, the increase in
the solvent flow rate, solvent temperature and feed pressure triggered to increase in CO2
flux and capture rate as expected.
Cao et al. (2019) investigated CO2 absorption performance evaluating CO2 absorption
flux by means of PTFE HFMC with a variety of blended dimethylethanolamine (DMEA)
with various activator, such as MEA, PZ, 2-(Ethylamino)ethanol (EAE), 2(Methlyamino)ethanol (MAE) and AMP for different operating conditions including
LFR, liquid temperature and solvent concentration. The experimental results showed that
increase in LFR, liguid temperature and solvent concentration increased CO2 absorption
flux.
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3. MATERIALS AND METHODS

To capture post-combustion CO2 by means of MGA processes and to determine
absorption and stripping conditions, experiments are being implemented with the
following materials and methodology.

3.1. Materials

In this study, two kinds of liquid absorbent (MDEA and aMDEA), flue gas and membrane
contactor form the materials. Information about them will be given in the following
sections.

3.1.1. Liquid Absorbent (MDEA and aMDEA)
The absorbent liquids used were MDEA and activated MDEA (aMDEA) adding small
amount of PZ to MDEA. To obtain aqueous solutions, ultrapure water was also used.
Commercial MDEA used in all experiments was obtained from Fisher Scientific (IL,
USA) and also PZ was supplied from Sigma Aldrich (Milwaukee, WI, USA). Five types
of commercial solvents are tested in the current study as follows: (1) 50 vol % MDEA /
50 vol % water, (2) 80 vol % MDEA / 20 vol % water, and (3) 80 vol % aMDEA / 20 vol
% water, (4) 90 vol % aMDEA / 10 vol % water, and finally (5) pure aMDEA. To prepare
a liquid absorbent including 80 vol % MDEA and 20 vol % water, MDEA of 800 mL was
mixed with ultra pure of 200 mL and dissolved by magnetic stirrer (Corning Hot Plate
Stirrer, PC-351, USA) in order to attain homogenous solution.

3.1.2. Flue Gas
Absorption and stripping experiments were carried out with a simulated FG blends of
14.1 % CO2, 1.98 % O2 and balance N2 used as FG in these experiments. This FG was
supplied from Airgas (Airgas Air Liquid Company, Oakland, NJ, USA). Temperature of
the flue gas used in the experiments were around 25 0C. In the experiments, the feed gas
was humidified with humidification module to mimic real flue gas in a power plant and
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also to increase the activation between MDEA and CO2. In this study, the humidified FG
is introduced into lumen side of a HF and absorbent solution is passed through shell side
of HFMC in cross flow, and the absorber and stripping membrane contactors are
completely filled up with absorbent solution before passing the feed gas. In a pilot scale,
the typical concentration of each specie in FG obtained from combustion of coal and
natural gas is presented in Table 3.1.
Table 3.1. Typical composition of FG from coal and gas fired power plants (de Sousa
Gomes, 2015).

3.1.3. Membranes and Modules
A number of cross-flow HFMCs in the form of picture frames coated with fluorosiloxane
on toutside of HFs used in the experiments are illustrated in Figure 3.1. The rectangular
open picture frames including HFMs were developed by Applied Membrane Technology
(Minnetonka, MN). The final module structure was prepared by backing up the open
picture frame on both sides by first a flow distribution plate and then a face box
(fabricated in NJIT); rubber gaskets were used in between each flat plastic piece to
prevent leakage. Nylon was used as the material of construction of the picture frame
holding the hollow fibers. In Figure 3.2a and Figure 3.2b photographs of disassembled
and assembled HFMCs used in the study are presented.
All HFMCs used in this study were already present in Prof. Sirkar’s laboratory and a
previous PhD student had used these membranes in her doctoral dissertation. The life
span of these membrabe modules can be almost ten years depending on their usage.
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Figure 3.1. Cross-flow HFMCs in the structure of picture frames containing coated HFs.
a

b

Figure 3.2 (a) and (b). Disassembled and assembled membrane contactors, respectively.
HFMCs were fabricated by using porous hydrophobic PP HFs with inside diameter
(I.D.)/outside diameter (O.D.) of 240 µm/290 µm with a thin plasma polymerized
hydrophobic porous fluorosiloxane coating on outer surface of HF. Here, the reason for
the coating of outer surface of HF with fluorosiloxane can be attributed to high resistance
of fluoropolymers to wetting and these polymer groups like PVDF and PTFE are more
chemically compatible with various types of liquid absorbents contrary to PP (Ghobadi
et al., 2018). Coating in absorption module is thinner than stripping module since
stripping needs higher temperatures and in the high temperature the structure of
membrane module can change from non-polar to polar structure during long-term runs
due to the fact that solvents react chemically with the polymer. These HFMCs can be
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performed for FGFRs in the range of 50-500 cm3/min and their surface area is 500 cm2
(Mulukutla et al., 2014). Specifications of HFMCs used in this study are presented in
Table 3.2.
Table 3.2. Characteristics of cross flow HFMCs (Mulukutla et al., 2014).

3.2. Methodology

3.2.1. Laboratory Equipments
General laboratory apparatus and a variety of types and sizes of glassware were used in
the experiments. The materials, equipment and chemicals employed during the
experiments are listed below:
•

Porous hydrophobic PP cross-flow HFMCs in the form of picture frames
including the coated HFs (Applied Membrane Technology, Minnetonka, MN,
USA).

•

A simulated FG mixture of composition 14.1 % CO2, 1.98 % O2 and balance N2
(Airgas an Air Liquid company, Oakland, NJ, USA).

•

Compressed helium (Airgas an Air Liquid company, Oakland, NJ, USA).

•

Nitrogen (Airgas an Air Liquid company, Oakland, NJ, USA).
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•

N-Methyldiethanolamine (Fisher Scientific, IL, USA).

•

Piperazine (Sigma Aldrich, Milwaukee, WI, USA).

•

Ultrapure water (Barnstead Ultrapure Water Purification System, Fisher
Scientific, Springfield, NJ, USA).

•

Multi-channel mass flow controller (Model 8248A, Matheson TRI-GAS,
Montgomeryville, PA, USA).

•

Mass flow transducer (Model 8272-0452, Matheson TRI-GAS, Montgomeryville,
PA, USA).

•

A stainless-steel liquid reservoir (Alloy Products Corp., Waukesha, W, USA.
Model No. B501-0228-00-E Vessel 3.78 L (1 gallon) 304 s. steel).

•

Micro pump (Pump Head Model GJ-N21-JF1SJ., Pump Motor Model DGF61.G1T2P5. J.B., Micropump, Vancouver, WA, USA).

•

Liquid flow meter ((1-GPI Model GM001S2C41-2 0.317 cm (1/8’’) NPT S. steel
oval gear meter, Great Plains Industries, Wichita, KS, USA).

•

Water Bath (Model HCTB-3020, 12 l BATH-12, LID-12, Omega Engineering,
Stamford, CT, USA).

•

Heat Exchanger (Model 00256-03, Exergy LLC, Garden City, NY; supplied by
Burt Process Equipment, Hamden, CT, USA).

•

Oil Bath (Model HCTB-3030, 26 l, BATH-26, LID-26, Omega Engineering,
Stamford, CT, USA).

•

Vacuum pump (Model N810.3 FTP, KNF Neuberger, and Trenton, NJ, USA).

•

Thermocouple (Model EW-08516-74 Type K Pipe Plug Thermocouple Probes
0.635 cm (1/4’’) NPT, 1.27 cm (0.5’’) L; Cole Parmer, Vernon Hills, II, USA).

•

Pressure gauge (Part no. PGI-63C-PC30-LAOX Swagelok, Framington Hills, MI,
USA).

•

Hot Plate Magnetic Stirrer (Corning Hot Plate Stirrer, PC-351, USA).

•

CO2 analyzer (Model 906, Quantek Instruments, Grafton, MA, USA).

•

Interfacial Tensiometer (Model 70545 CSC- DuNOUY, Central Scientific,
Fairfax, VA, USA).
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3.2.2. Experimental Procedure
A simulated FG mixture was fed from gas cylinder into lumen side of HFs in the
absorption module. FGFR was controlled via a Multi-channel Mass flow Controller and
Mass flow Controller Transducer. Experiments were conducted with FGFRs in the range
of 50-300 cm3/min. LFRs controlled via Liquid Flow Meter were 15.10 L/h, 16.60 L/h
and 18.90 L/h for all experiments. In experiments, to obtain real FG condition and to
activate MDEA, humidity was needed in the feed gas, so feed gas passed to
humidification module prior to entering to absorption module. Schematic diagram and
photograph of the experimental set up for start-up are presented in Figure 3.3 and Figure
3.4, respectively. In the present study, to obtain the CO2 concentration at the stripping
outlet, the liquid returned from the heat exchanger did not discharge to the reservoir again
and it was pumped directly to absorption module to prevent entering of rich-solvent to
the reservoir. A schematic representation describing this situation is exhibited in Figure
3.5.

Figure 3.3. Schematic diagram of the experimental setup.
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Figure 3.4. The photograph of the experimental setup.

Figure 3.5. Schematic diagram of experimental set-up used in the present study bypassing
reservoir.
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The experiment started with the circulation of the absorbent liquid from a liquid reservoir
to HFMCs to fill up contactors with absorbent liquid. Then absorbent liquid was
introduced by a micro-pump through a flow meter and passed through shell side of the
HFs in absorption module by a tubular loop immersed in a water to reach its temperature
to around 50 – 55 0C. The CO2-loaded absorbent liquid was fed into heat exchanger to
raise its temperature from 50 – 55 0C to around 85–90 0C. And then, absorbent at exit of
heat exchanger was fed into shell side of stripper. This absorbent liquid was passed
through a tubular loop immersed in an oil bath heated up to 95 – 110 0C. The heated and
stripped liquid was returned to heat exchanger to cool down.
When FG was humidified with humidification module, humidified FG was introduced to
lumen side of HFs in absorption membrane contactor. To measure CO2 concentration at
the exit of the tube side on absorber, solid-state IR-based CO2 analyzer having low
resolution was used. Another solid-state IR-based CO2 analyzer having high resolution
was employed to measure CO2 concentration on the stripping to evaluate CO2 recovery
and regeneration of the solvent. If there is a pressure difference between thow sides of
HFMC, tube side of membrane modules on stripping side is exposed to vacuum to
eliminate and gather stripped CO2 from CO2-loaded absorbent. The vacuum pump gas
stream was introduced to a CO2 analyzer to record CO2 concentration in stripped stream.
Process diagram for experimental setup with vacuum in the stripping is illustrated in
Figure 3.6.
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Figure 3.6. Experimental setup with vacuum in stripping side.
Moreover, thermocouples are used to trace heat that was at 50–55 0C in absorption side
and at 85– 90 0C in the stripping side. Presurre gauges also was used to measure pressures
of absorbent at four points.
At the end of experimental studies, flow of feed gas into the lumen side of HFs in the
absorber membrane contactor was stopped and liquid pump was closed and then both
water bath and oil bath were turned off. Absorbent liquid in the membrane contactors was
drained into the reservoir and then liquid in the reservoir was put in the oven at 90 0C for
one hour to strip CO2 remained in the absorbent liquid and finally whole system was
washed out with ultrapure water to remove the rich-solvent from connections of the
system, such as pipes going to membrane contactors.
As a summary, operating conditions of the experimental set-up after completing
optimization studies are illustrated in Table 3.3 and Table 3.4. All operating conditions
were repeated once.
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Table 3.3. Operating conditions of the experimental set-up with sweep He flow rate (SHFR) in the range of 50-100 cm3/min and vacuum on sweep
side (VSS) 1 in. Hg after completing optimization studies.
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Table 3.4. Operating conditions of the experimental set-up with aMDEA absorbent
composition of 80 vol % and SHFR in the range of 25-100 cm3/min without
vacuum after completing optimization studies.

3.2.3. Analytical Methods
Analytical methods used in this study are CO2 measuremets to measure concentration of
CO2 in outlet of both absorber and stripper module. Surface Tension measurements of
absorbents used in the experiment to compare them with the critical surface tension of
the polymer.

3.2.3.1. CO2 Measurements
CO2 analyzer with low resolution was used at the outlet of the absorber and another one
with a high resolution was employed in the outlet of stripping module to determine
respectively the concentration of CO2 in outlet of absorber in lumen side of the absorber
and concentration of CO2 of outlet of stripper in lumen side of stripper membrane
contactors.
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3.2.3.2. Surface Tension Measurements
Surface tensions of absorbents of 80 vol % MDEA and 20 vol % water, 80 vol % aMDEA
and 20 vol % water were determined via an Interfacial Tensiometer. For the measurement
procedure, the operational manual for the device was consulted.

3.2.4. Experimental Methods

Experimental studies started with the optimization studies including the determination of
the absorbent type, the determination of the stripping mode, various methods used in the
measurement of the amine strength. The flow chart showing these optimization studies is
presented in Figure 3.7.

Figure 3.7. Diagram of the optimization studies.

3.2.4.1. Optimization Studies
At the beginning of the experiments, five cross-flow HFMCs in structure of picture
frames including the coated HFs presented in Figure 3.1 were tested for any leakage. To
test the membrane module for any leakage, shell side of HFMC was fed with ultrapure
water at 137.8 – 172.3 kPag for about 3-4 hours. And then modules that did not show any
leakage was fed with nitrogen gas that was passed to dry the fibers inside the membrane
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module through the tube and shell side for some time to completely dry these hydrophobic
fibers. Then, these modules were placed in the system where module with number of 84
was used for absorption and the other one was used for stripping. In all experimental
studies, only humidified flue gas was fed through lumen side of absorption module to
mimic real FG and to decrease amount of CO2 outlet of absorber owing to the fact that
moisture in FG increases amount of CO2 absorbed because tertiary amine like MDEA
become active with moisture.
In membrane based absorption and stripping process, there are two approaches to
introduce gas and liquid into the membrane. In the first way, feed gas passes through the
bore of HFs, and absorbent is passed through the shell side. In the second way, absorbent
liquid is introduced from the bore of HFs and gas is introduced on the shell side. Gas
diffuses from gas mixture to gas-liquid interface via the membrane pores without high
pressure and then contacts liquid absorbent. De Montigny et al., 2006 found that liquid
introduced into the lumen side of hollow fibers provides a major enhancement in the range
of 150 and 180 % on the performance in contrast to liquid flowing on the shell side of the
module due to better contact between two phases. However, Prof. Sirkar’s previous
studies in 2014 and 2015 (Mulukutla et al., 2014 and Mulukutla et al., 2015) showed that
polymeric HFs offer 5-10 times bigger interfacial area than conventional gas absorption
methods in the case of that FG is introduced into the bore of HFs for a short period. Hence,
FG was passed through bore side of HFs and absorbent was introduced in cross flow into
the shell side of fibers in HFMC in this study.
Determination of Absorbent Type
Aqueous N-Methyldiethanolamine (MDEA) Solution as Absorbent
The first run of experiments was conducted with 50 vol % MDEA/ 50 vol % water
solution as absorbent. The simulated FG was fed through the lumen side of HFMC at a
constant flow rate of 150 cm3/min and aqueous MDEA was passed through the shell side
of HFMC at 28 L/h. For stripping, vacuum was not used and the gas flow out of the
stripper was directly sent to CO2 analyzer. To measure the breakthrough value, the gas
flow in the outline of the absorber was also directly sent to another CO2 analyzer.
Temperature values for whole system are that T1 representing entry temperature to
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absorption module was 51.1 0C; T2 representing entry temperature to heat exchanger
from absorption module was 50 0C; T3 showing exit temperature from heat exchanger
was 89.4 0C; T4 showing entry temperature to stripping module was 92.7 0C; T5
representing exit temperature from stripping module was 89.3 0C; T6 representing
entrance temperature to heat exchanger after cycling in the oil bath was 103.6 0C as well
as T7 showing exit temperature from heat exchanger and returning to reservoir 57.1 0C.
The second set of experiments was done with 80 vol % MDEA/ 20 vol % water solution
as absorbent. The humidified FG was fed through the lumen side of HFMC at a flow rate
in the range of 50 - 200 cm3/min and aqueous MDEA was passed through the shell side
of HFMC at 18 L/h with approximately 140 kPag entry pressure to absorption module.
For stripping, vacuum was not used and the gas flow out of the stripper was directly sent
to the CO2 analyzer. To measure breakthrough value, the gas flow in the outlet of the
absorber was also directly sent to another CO2 analyzer as mentioned in experimental
procedure section. Temperature values for the whole system were 46.5, 45.8, 81.9, 79.1,
80.0, 95.8, 51.6 0C for T1, T2, T3, T4, T5, T6 and T7, respectively. During the absorption
at 46.5 0C, aqueous MDEA was passed through the shell side of HFs so that the bed was
maintained at 46.5 0C.

Aqueous Activated N-Methyldiethanolamine (aMDEA) Solution as Absorbent
Experiments about aMDEA blend absorbent were conducted with 80 vol % aMDEA/ 20
vol % water solution as absorbent by inserting a bit amount of PZ to aqueous MDEA
solution. As similar to the experiments related to non-blended MDEA/water. The
humidified flue gas was flowing on the lumen side of the cross-flow module at a flow
rate in range of 50 - 200 cm3/min and activated aqueous MDEA was passed through the
shell side of the membrane module at a constant flow rate of 20 L/h with approximately
140 kPag entry pressure to absorption module.
For stripping, vacuum was used; in the one of the tube side of the fibers in stripper module
was used a valve to occlude. The stripped gas giving up the other end of the tube side of
the membrane stripper was passed through a vacuum pump. Then exhaust gas stream was
introduced into a CO2 analyzer. Then CO2 concentration in the stripped stream was
measured. Temperature values were 48 0C for entry of absorption module, 47.2 0C for
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entry to heat exchanger from absorption module, 77.3 0C for exit from heat exchanger,
77.4 0C for entry to stripping module, 77.8 0C for exit from stripping module and 89.1 0C
entrance to heat exchanger after cycling in the oil bath as well as 53.8 0C for exit from
heat exchanger and returning to reservoir. During the absorption at 48 0C, activated
aqueous MDEA was passed through shell side of HFs so that bed was maintained at 48
0

C.

Determination of Stripping Mode
Aqueous aMDEA Solution as an Absorbent with Sweep He for Stripping Mode
Inferring from the previous experiments, these experiments were conducted in the range
of 150 cm3/min and 450 cm3/min of FGFRs to increase flow rate of the stripped gas out
of the stripping. This should be larger than 5 cm3/min because of the fact that CO2
analyzer used needs a minimum FGFR of 5 cm3/min. Moreover, SHFR changed between
100 and 200 cm3/min and helium pressure is very close to atmospheric pressure to
minimize helium loss. Process diagram for experimental setup used of helium as sweep
gas in the stripping side is presented in Figure 3.8.

Figure 3.8. Experimental setup with sweep helium for stripping mode.
The difference in the experimental procedure was that helium was introduced into the
lumen side of HFs in the stripping module when liquid was pumped into the shell side of
hollow fibers in the absorber module in comparison to the previous studies. The first set
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of the experiment was conducted with a humidified FGFR of 300 cm3/min and SHFRs of
100 cm3/min followed by 150 and 200 cm3/min. Also, LFR was 18.9 L/h for 80 vol %
aMDEA / 20 vol % water and feed gas temperature as well as bed temperature were 25
0

C and 50 0C, respectively.

Aqueous aMDEA and Vacuum and Sweep He for Stripping Mode
The first set of the experiments was done under similar experimental conditions to sweep
helium stripping mode, such as humidified FGFR of 300 cm3/min and SHFR of 100
cm3/min followed by 150 cm3/min and 200 cm3/min and also liquid absorbent with 80
vol % aMDEA at 18 L/h for combo-mode for stripping. Feed gas temperature and bed
temperature were 25 0C and 52.7 0C, respectively. Moreover, the liquid temperature
entering stripping was 96 0C. The vacuum level applied was 0.5 in. Hg (1.27 cm Hg).
Process diagram of experimental setup for combo mode stripping is presented in Figure
3.9.

Figure 3.9. Experimental setup with both sweep helium and vacuum for mode of stripping
mode.
For the second set of the experiments, vacuum level was increased to 1 in. Hg (2.54 cm
Hg) and other conditions remained constant with the first set. Thirdly, 0.1 in. Hg (0.25

76

cm Hg) was studied as vacuum level at SHFR of 100 cm3/min to compare its minimum
level to other values studied in the first and the second sets.
Aqueous aMDEA with Vacuum and Sweep He for Stripping Mode in Case of
Application of Humidified N2 Gas Before Feeding Humidified Feed Gas
The first set of experiment was firstly run with humidified N2 gas flow rate of 50 cm3/min
fedding into the lumen side of HFs in absorption MC and LFR of 17.40 L/h as well as
SHFR of 100 cm3/min until liquid temperature entering the shell side of HFs in the
stripping module reached a minimum of 90 0C. This stage of the experimental procedure
should be described as the first stage of one presented in Figure 3.10. And then,
humidified FGFR of 300 cm3/min and 400 cm3/min respectively were fed into the lumen
side of HFs in absorption module for combo-mode stripping where the vacuum level
applied was 1 in. Hg (2.54 cm Hg) and SHFR was 100 cm3/min followed by 150 cm3/min
and 210 cm3/min in the second stage showing similarity with process diagram presented
in Figure 3.9. Feed gas temperature and bed temperature were 25 0C and 51.0 0C,
respectively. Moreover, the liquid temperature entering stripping was 90.2 0C.

Figure 3.10. Schematic diagram of the experimental setup with respect to feeding
humidified N2 gas before feeding humidified feed gas.
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Measurement of Amine Strength
At the beginning of the experiments, liquid absorbent with 80 vol % MDEA and 20 vol
% water was heated at 90 0C and stirred for 1h with magnetic stirrer to obtain lean solvent
from rich liquid absorbent as shown in Figure 3.11. Then a small amount of piperazine
was added to the solution to provide the activation of liquid absorbent.

Figure 3.11. Regeneration test for rich absorbent by hot plate magnetic stirrer.
Moreover, absorbent liquid was titrated with sulfuric acid (1N) to determine the working
capacity of absorbent liquid. Titration is the most commonly used method for amine
strength determination. Amine strength is generally described as the amount of amine
capable of reacting with acid gases. Titration for amine strength is a measure of the amount
of base in the solution that is capable of reacting with acid gases expressed as the
equivalent vol % of the amine primarily in use (Hatcher and Weilend, 2010). The equation
shown in Appendix C was utilized to determine the ratio of aMDEA and water in the
absorbent liquid at the end of titration experiment including sulfuric acid and methyl
orange indicator.

3.2.5. Calculation of CO2 Absorption Parameters
CO2 absorption parameters are modelled in accordance with the equations (Eqn. 2.33 –
Eqn. 2.37) presented in Chapter 2.
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To determine the liquid side MTC for cross-flow HFMs, the following correlation
proposed by Bhaumik et al. (1998) was used.
!ℎ = 0.57() *.+, !- *.++ ;

0.01 < () < 1

(3.1)

Membrane resistance can be affected by porosity (3), pore size, tortuosity (5), membrane
thickness 6 and effective membrane diffusion coefficient Dg, eff :

78 =

9:,< =

(3.2)

>?

The flow regime of gas in the membrane pore (molecular diffusion and Knudsen
diffusion) has an effect on membrane diffusion. Dg, eff is given by
C,
C,
C,
@A,B
= @A,D
+ @A,F

(3.3)

where Dg,b= bulk diffusion coefficient, Dg,k= Knudsen diffusion coefficient.

3.2.6. Statistical Analyses of Experimental Parameters
In statistical part, the analysis of variance can be preferred to evaluate differences among
the means of the results. In the analysis of variance, if F-ratio is smaller than a p value of
0.05, it means a significant differences between some of the population means. As a usual
the smaller the p value, the stronger is the indicator for differences (Brown and Swanson
,1988). In the present study, overall MTC, volumetric MTC and molar CO2 flux values
for three different absorbent concentrations, six different humidified FGFRs and three
different LFRs are statistically tested by statistical program named as Statgraphics
Centurion XVI (Version 16.1). Analyses of ANOVA and Box-Whisker plots were tested
in 95 % confidence interval and one-way ANOVA, in which variable is overall MTC,
volumetric MTC or molar CO2 flux, while factor is absorbent concentration, was used for
the analysis of variance.
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3.2.7. Estimation of the Energy Used for CO2 Absorption-Stripping
An evaluation of the energy consumed during CO2 absorption-stripping at high
temperature by aMDEA is calculated by
G HI HJKLM = ∆OPDQ + RKS ∆T

(3.4)

where Q is the energy needed and ∆OPDQ is the heat of absorption for CO2 in solvent, m
is the mass of the solvent, Cp is the heat capacity of solvent and ∆T is the temperature
difference between the absorption and stripping step (Anthony et al., 2004; Mulukutla et
al., 2014).
Absorption of CO2 in an amine solution implements in two ways: one of them is physical
dissolution and other is chemical reaction, namely reaction with the amine. Both of them
produce heat. Heat of absorption covers heat stemming from these two processes
(Svensson et al., 2013).
Heat stemming from the reaction of CO2 with aqueous MDEA solutions are presented in
following reactions:
KLM ↔ KLM(VW) + ∆OSXYQ

(3.5)

KLM(VW) + KO+ (KOM LO)M Z + OM L ↔ KO+ (KOM KOM LO)M ZO[ OKL+C + ∆O\

(3.6)

in which the first equation (Eqn. 3.5) identifies the physical process identified by the
enthalpy ∆Hphys, and the second equation (Eqn. 3.6) signifies the overall chemical
reaction taking place in the liquid phase. The value of overall enthalpy of chemical
absorption ∆Habs is determined by (Kierzkowska-Pawlak, 2007):
KLM(:) + KO+ (KOM KOM LO)M + OM L ↔ KO+ (KOM KOM LO)M ZO [ + OKL+C + ∆OPDQ

where

80

(3.7)

∆OPDQ = ∆OSXYQ + ∆O\

(3.8)

The heat of absorption (-∆Habs) was estimated using Equation (Eqn. 3.9), in terms of the
heat production (Q [kJ]) the amount of CO2 absorbed:
(-∆Habs)i= Q/(CO2)abs

(3.9)

where the index i shows aMDEA, and (CO2)abs shows the amount of the absorbed CO2
(mol CO2) (Svensson et al., 2013).
To calculate the molar enthalpy of CO2 absorption in aqueous MDEA, the equation below
(Eqn. 3.10) presented by Kierzkowska-Pawlak (2007) in accordance with their
experimental data can be used in the calculation of ∆Habs.
− ∆OPDQ 7I. R^_) C, = 0.155`a + 0.241 T H − 21.07

(3.10)

To calculate heat capacity of MDEA in terms of temperature, the equation below (Eqn.
3.11) presented by Shokouhi et al., 2013 can be used in the calculation of Cp.
KS (I. R^_) C, . H C, ) = 0.6799 T H + 58.078

(3.11)

In order to calculate the energy required by the system, heat of absorption and heat
capacity values of aMDEA concentrations used in this study were determined based on
equations in the literature. Hence, the values of heat of absorption and heat capacity in
the literature are presented in Table 3.5.
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Table 3.5. Review of the literature data for the molar heat capacity and the molar enthalpy
of CO2 absorption in aqueous MDEA.
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4. RESULTS AND DISCUSSION

The aim of this study was to determine the CO2 absorption performance of aqueous
MDEA and aMDEA in a module containing microporous polypropylene cross-flow HFM
coated with fluorosiloxane on the outer surface of fibers; such a module was used for both
absorption and stripping. In order to implement this research goal, a lot of lab-scale CO2
absorption-stripping experiments were performed using these absorbents for different
operating conditions, such as FGFR, LFR, concentration of the absorbent, type of
stripping mode. CO2 absorption rate, CO2 removal rate, CO2 recovery and also overall
MTC constituted the fundamental subjects of the discussion part.
Absorption and stripping experiments were conducted with aMDEA absorbent liquid in
different concentration, such as 80 vol % aMDEA / 20 vol % water, 90 vol % aMDEA /
10 vol % water, and pure aMDEA with liquid flow rate of 15.10, 16.60 and 18.90 L/h.
Considering the properties, such as chemical compatibility with the membrane material,
high affinity for CO2 and low affinity with membrane material, non-volatile structure,
high surface tension, low vapor pressure and high boiling point, good thermal stability
and ease of regeneration, MDEA was selected as an absorbent in this study. CO2 does not
directly react with MDEA, the addition of small amounts of fast reacting amines is
necessary and therefore the change in the reaction rate was investigated by adding a small
amount of piperazine (PZ) to the aqueous MDEA in the present study. Moreover,
humidified FGFRs were chosen in the range of 50-300 cm3/min.
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4.1. Optimization Studies
Optimization studies include the determination of the absorbent type, the determination
of the stripping mode, the application of humidified N2 gas before feeding humidified
feed gas into the lumen side of the absorber contactor and some measurement to
determine amine strength in the absorbent as shown in Figure 3.7.
4.1.1. Determination of Absorbent Type (MDEA and aMDEA)
In this study, two tpes of liquid absorbent including MDEA and aMDEA were used to
perform CO2 absorption rate, CO2 removal rate, CO2 recovery percent and CO2 molar
flux, overall mass transfer coefficient and VMTC.
4.1.1.1. Aqueous N-Methyldiethanolamine (MDEA) Solution as an Absorbent
At the end of the experiment with MDEA absorbent composition of 50 vol % MDEA/ 50
vol % water for opearting conditions mentioned in Chapter 3, CO2 breakthrough value
was obtained within 3 minutes following the experiment. Breakthrough value means that
when liquid absorbent gets saturated with CO2, the gas will break through the end of the
lumen of the porous HFMs. Then, flue gas inflow will be stopped. It is known that the
system can reach steady-state in the range of 30 minutes – 2 hours. Hence, this experiment
showed that there were no absorption and regeneration under these conditions. After these
results, it was thought that the water content in the solution was so high and water will
evaporate in high temperatures needed for stripping process. This situation will lead to
the loss of solvent and the increase in the energy needed for regeneration of the solvent
in other words, stripping of the CO2 from rich-solvent. Therefore, unlike many studies
conducted in the literature, the second experiment was conducted with a new liquid
absorbent in which the MDEA concentration was increased by decreasing the water
content (80 vol % MDEA / 20 vol % water) for operating conditions mentioned in Chapter
3. Figure 4.1 illustrates CO2 absorption breakthrough behavior rate for the second set of
experiments with 80 vol % MDEA/ 20 vol % water solution with humidified simulated
feed gas at 25 0C and bed temperature at 46.5 0C for humidified FGFR rate of 50-200
cm3/min.
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Figure 4.1. CO2 breakthrough results for aqueous MDEA absorbent in concentration of
80 vol % MDEA / 20 vol % water. The symbol FGFR stands for: Feed gas
flow rate (FGFR-50) of 50 cm3/min.
In accordance with Figure 4.1, CO2 concentration in outlet of absorption module were
between 10 and 12 % values within 10 minutes in all gas flow rates and also the liquid
absorbent got saturated with CO2 after 35 minutes for all gas flow rates except of flue gas
flow rate of 50 cm3/min. These results showed that absorption occurred very quickly and
the regeneration of the solvent did not occur due to the fact that there was no CO2
concentration in the out of the stripping module. Moreover, Figure 4.1 exhibited that the
exist CO2 concentration in the pure gas increased as long as the gas stay time in the
module decreased when the absorbent concentration was 80 vol % MDEA / 20 vol %
water.
The results obtained from the experiments conducted with absorbent concentration of 80
% MDEA / 20 % water and a variety of humidified flue gas flow rates showed that there
was no solvent regeneration under these conditions. After these results exhibiting that
absorption was very fast in the system and enough conditions for desorption were not
achieved as similar to the previous results related to absorbent concentration of 50 %
MDEA / 50 % water, it was decided that a promoter must be added to absorbent solvent
to activate the reaction between MDEA and CO2.
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Donaldson and Nguyen (1980) expressed that CO2 does not directly react with MDEA,
the addition of small amounts of reactive amines is compulsory to implement the reaction
with CO2 and MDEA. Generally preferred amines are primary amine groups or diamines,
such as monoethanolamine (MEA) or piperazine (PZ). By adding small amount of
piperazine, a high rate of absorption can be obtained in the absorber and energy needed
for the regeneration of the solvent in the stripper can decrease. Small amount of PZ around
1 wt % concentration was added to MDEA solution. This solution is described as
activated MDEA (aMDEA). In the present study, mixture of PZ and MDEA amines was
used as an absorbent for post –combustion CO2 removal. Results of the studies on
aMDEA are presented below.

4.1.1.2. Aqueous Activated N-Methyldiethanolamine (aMDEA) Solution as an
Absorbent
Some studies in the literature showed that activated MDEA blend solutions provide
higher chemical reaction rate with CO2 than that of non-activated MDEA (Paul et al.
2009; Zhu et al., 2012). Zhu et al., (2012) explained that the reason for the high absorption
capacity of PZ can be attributed to structural property of PZ with two secondary amine
sites. Considering the investigations in the literature, CO2 absorption rates at different gas
flow rates using aMDEA were investigated in this study. Figure 4.2 illustrates CO2
absorption breakthrough behavior rate for humidified simulated feed gas at 25 0C and bed
temperature 48 0C for few humidified FGFRs in the range of 50-200 cm3/min and
aMDEA absorbent in concentration of 80 vol % aMDEA / 20 vol % water.

86

CO2 Conc. Absorber Out (%)

FGFR-50

FGFR-100

FGFR-150

FGFR-200

16
14
12
10
8
6
4
2
0
0

10

20

30

40

50

Time, min

Figure 4.2. CO2 breakthrough results for aqueous aMDEA absorbent in concentration of
80 vol % aMDEA / 20 vol % water.
The results obtained from the experiments conducted with absorbent concentration of 80
% vol activated MDEA / 20 vol % water and different humidified flue gas flow rates
showed that there was no solvent regeneration, while absorption occurred under these
conditions similar to results obtained from aqueous MDEA absorbent without piperazine.
In accordance with Figure 4.2, CO2 breakthrough curves are not sharp for two gas flow
rates in except for both FGFRs of 150 cm3/min and 200 cm3/min due the diffusional
processes in the absorber resulting in increased amine thickness in the shell side of the
contiguous hollow fibers. Moreover, the reason for fast CO2 absorption rate can be
attributed to the resistance of the liquid phase on mass transfer during the chemical
reaction between the solvent and CO2. To decrease the resistance in the liquid phase, LFR
should be increased. Hence, fresh absorbent can be contacted with the gas phase and the
driving force is not reduced owing to solvent saturation. To obtain the CO2 concentration
in the outlet of the stripping, the tube side of membrane module can be subjected to sweep
gas like helium and other tube side of membrane module can be subjected to the vacuum
at the same time. Moreover, the entry temperature of the absorbent into the stripping
module can be increased to obtain stripped CO2 from rich solvent. Considering these
modifications, experiments were conducted with helium introduced as sweep gas into the
lumen side of HFMs in stripping membrane contactor to provide the driving force to
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remove CO2 from rich-absorbent. Studies related to usage of helium as sweep gas for
mode of stripping are presented below.

4.1.2. Determination of Stripping Mode
To obtain the concentration of CO2 outlet of the stripper signifying regeneration status of
the solvent, either vacuum and/or helium as a sweep gas can be applied into the stripper.
The system using vacuum and sweep He for stripping mode are described as the combomode of operation by Mulukutla et al., 2014.
4.1.2.1. Aqueous aMDEA with Sweep He for Stripping Mode
The first set of the experiment was conducted with a humidified FGFR of 300 cm3/min
and the SHFRs of 100 cm3/min followed by 150 cm3/min and 200 cm3/min. Also, LFR
was 18.9 L/h for 80 vol % aMDEA / 20 vol % water and feed gas temperature as well as
bed temperature and also stripping temperature were 25 0C, 50 0C and 75 0C, respectively.
Figure 4.3 shows CO2 absorption breakthrough rate for conditions presented above. The
CO2 breakthrough time for humidified FGFR of 300 cm3/min and sweep helium at 200
cm3/min applied in lumen side of hollow fibers in stripping was observed as 18 minutes
(Figure 4.3). Moreover, total time when 80 vol % aMDEA got saturated with CO2 lasted
around 2 hours as expected in comparison to the previous studies. Table 4.1 shows CO2
absorption results. The absorption has improved substantially.
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Figure 4.3. CO2 breakthrough results for aMDEA absorbent with 80 vol % aMDEA with
sweep He (SH) at 200 cm3/min.
Table 4.1. CO2 absorption results of 80 vol % aMDEA / 20 vol % water with SH for
stripping mode.

FGFR
3

LFR
3

(cm /min)

(cm /min)

300

300

Conc. of

Conc. of CO2

CO2 in

absorber out

(%)

(%)

14.1

0.18

SHFR
3

(cm /min)
200

Rate of CO2
absorption
(%)
98

The results obtained from this experiment showed that there was limited solvent
regeneration and CO2 removal in the stripping membrane contactor under sweep helium
stripping mode. Hence, it was decided that the tube sides of the membrane module on the
stripping side should be subjected to vacuum along with sweep helium.

4.1.2.2. Aqueous aMDEA with Vacuum and Sweep He for Stripping Mode
The first set of the experiments was done under similar experimental conditions to sweep
helium stripping mode, such as humidified FGFR of 300 cm3/min and SHFRs of 100
cm3/min followed by 150 cm3/min and 200 cm3/min and also liquid absorbent with 80
vol % aMDEA at 18 L/h for combo-mode for stripping. Feed gas temperature and bed
temperature were 25 0C and 52.7 0C, respectively. Moreover, the liquid temperature
entering stripping was 96 0C. The vacuum level applied was 0.5 in. Hg (1.27 cm Hg). At
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the end of the experiment, CO2 breakthrough value reached 12 % within 3 minutes
following the experiment and this experiment showed that absorption and regeneration
did not occur under these conditions. For the second set of the experiments, vacuum level
was increased to 1 in. Hg (2.54 cm Hg) and other conditions remained constant with the
first set. Finally, it was found that this small increase in vacuum level did not have any
impact on the results of the experiment showing insufficient absorption and stripping.
Thirdly, 0.1 in. Hg (0.25 cm Hg) was studied as vacuum level at SHFR of 100 cm3/min
to compare its minimum level to other values studied in the first and the second sets.
When vacuum level of 0.25 cm Hg was applied, the flow rate of 20 cm3/min pumping
from vacuum was obtained as flow to the tube side of fiber in the stripping module when
SHFR of 100 cm3/min was applied in the other end of lumen side of fiber in the stripping
module, simultaneously. Hence, studies will be continued for various vacuum levels in
the range of 0.6 in. Hg and 1.0 in. Hg to increase the flow rate stemming from vacuum.
As a result, the absence of absorption can be attributed to rich-solvent saturated with CO2
due to experiments without stripping. Hence, the liquid absorbent should be kept in the
oven for at least 3 hours instead of being kept for 1 hour under 90 0C before starting the
experiments. If any result can not be obtained after the application of this approach,
another approach should be related to the regeneration of the solvent.

4.1.3. Aqueous aMDEA with Vacuum and Sweep He for Stripping Mode with
Humidified N2 Gas Before Feeding Humidified Feed Gas

The first set of experiment for this approach was firstly run with humidified N2 gas flow
rate of 50 cm3/min fedding into the lumen side of hollow fibers in absorption membrane
contactor and LFR of 17.40 L/h as well as SHFR of 100 cm3/min until liquid temperature
entering the shell side of HFMs in the stripping module reached a minimum of 90 0C.
This stage of the experimental procedure should be described as the first stage. And then,
humidified FGFRs of 300 cm3/min and 400 cm3/min were fed into the lumen side of
HFMs in absorption module for combo-mode stripping where the vacuum level applied
was 1 in. Hg (2.54 cm Hg) and SHFR was 100 cm3/min followed by 150 cm3/min and
210 cm3/min, respectively in the second stage. Feed gas temperature and bed temperature
were 25 0C and 51.0 0C, respectively. Moreover, the liquid temperature entering stripping
was 90.2 0C.
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In accordance with experimental results containing different FGFRs, the system reached
steady-state after 49 minutes and 33 minutes for humidified FGFRs of 300 cm3/min and
400 cm3/min, respectively. However, within the first 120 seconds and 100 seconds, CO2
concentration in the outside of the absorption module reached 10 % for humidified
FGFRs of 300 cm3/min and 400 cm3/min, respectively. The schematic view for these
results is presented in Figure 4.4. Moreover, after the first stage, a bit leakage was
observed in the absorption membrane contactor but the second stage was continued since
the amount of this leakage was so low. At the end of the second stage, regeneration of the
solvent was so low since CO2 concentration in the out of stripping membrane contactor
was lower than 1 % for different stripping conditions including the application of helium
with different flow rates.
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Figure 4.4. CO2 breakthrough results for feeding humidified N2 gas before humidified
feed gas with aMDEA absorbent in concentration of 80 vol %; sweep He at
150 cm3/min and vacuum 1.0 in. Hg.
The CO2 breakthrough times for humidified N2 gas flow rate (GFR) of 50 cm3/min
applied in the lumen side of hollow fibers in absorption membrane contactor before
feeding humidified feed gas into the absorber and combo-mode for stripping including
sweep helium at 150 cm3/min and vacuum at 1 in. Hg (2.54 cm Hg) applied in the lumen
sides of hollow fibers in stripping membrane contactor were observed as 64 seconds and
70 seconds for humidified FGFRs of 300 cm3/min and 400 cm3/min, respectively (Figure
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4.4). These breakthrough times clearly show that absorption occurs very quickly and 80
vol % aMDEA got saturated with CO2 less than 1 hour. However, the rate of desorption
or CO2 recovery was observed under these experimental conditions even if it has very
low value. Table 4.2 exhibits results of these experiments.
Table 4.2. CO2 absorption/stripping results of 80 vol % aMDEA/20 vol % water with
sweep He: 150 cm3/min and vacuum: 1 in. Hg for stripping mode*.
Feed gas flow

Concentration of CO2

Concentration of CO2

Rate of CO2

rate (cm /min)

absorber out (%)

stripper out (%)

absorption (%)

300

3.00

0.7

78.7

400

4.10

0.8

70.9

3

*Liquid flow rate of 17.4 L/h; concentration of CO2 in 14.1 %; SHFR of 150 cm3/min;
VSS 1 in.Hg.
The main reason for explaining the decrease in the amount of CO2 absorbed is that
increasing FGFR diminishs residence time which will lead to increase of CO2
concentration in treated gas.
For the first stage of the second set of experiments, a similar experiment was performed
for the same N2 GFR of 50 cm3/min and SHFR of 100 cm3/min but difference was in the
LFR of 15.88 L/h from the previous experimental run. After the first stage, humidified
FGFRs of 300 cm3/min and 200 cm3/min and combo-mode for stripping including lower
vacuum level of 0.5 in. Hg (1.27 cm Hg) and the same SHFR of 100 cm3/min followed
by 150 cm3/min and 210 cm3/min were applied. Moreover, this experiment was
conducted with lower absorption temperature to obtain higher extent of CO2 absorption.
Feed gas temperature and bed temperature were 25 0C and 46 0C, respectively. Moreover,
the liquid temperature entering stripping module was 92.5 0C. Liquid absorbent also was
heated at 95 0C and stirred with higher velocity for 1h with magnetic stirrer than the first
set of the experiment. Figure 4.5 shows CO2 breakthrough results under humidified N2
gas followed by humidified feed gas condition with sweep helium and vacuum stripping
mode in aMDEA absorbent with 80 vol % aMDEA / 20 vol % water at 46 0C and stripping
temperature at 92.5 0C.
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Figure 4.5. CO2 breakthrough results for feeding humidified N2 gas before humidified
feed gas with aMDEA in concentration of 80 vol %; sweep He at 210 cm3/min
and vacuum 0.5 in Hg.
In accordance with experimental results containing different feed gas flow rates, the
system reached steady-state after 29 minutes and 25 minutes and 20 minutes for
humidified FGFRs of 200 cm3/min, 300 cm3/min and 400 cm3/min, respectively. Time
needed to get the steady-state condition was lower than the one of the first set of the
experiment in case of each humidified feed gas flow rate. However, within the first 180
seconds, 140 seconds and 109 seconds, CO2 concentration in the outside of the absorption
module reached 10 % for humidified FGFRs of 200 cm3/min and 300 cm3/min and 400
cm3/min, respectively. The experiments conducted with humidified FGFRs of 200
cm3/min reached 10 % CO2 concentration in treated gas in very close time each other,
namely 100 seconds and 109 seconds for the first experiment and the second experiment,
respectively. At the end of second stage, regeneration of solvent was so low since CO2
concentration in the out of stripping membrane contactor was lower than 1 % for different
stripping conditions including the application of helium in the different flow rates.
However, these results showed a small difference from the first set of the experiments.
Moreover, the CO2 breakthrough times for humidified N2 GFR of 50 cm3/min applied in
the lumen side of hollow fibers in absorption membrane contactor before feeding
humidified feed gas into the absorber and combo-mode for stripping including SHFR of
210 cm3/min and vacuum at 0.5 in. Hg (1.27 cm Hg) applied in the lumen sides of hollow
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fibers in stripping membrane contactor were observed as 24 seconds, 75 seconds and 75
seconds for humidified FGFRs of 200 cm3/min, 300 cm3/min and 400 cm3/min,
respectively. Table 4.3 shows CO2 absorption and stripping results of 80 vol %
aMDEA/20 vol % water with sweep He and vacuum for stripping mode.
Table 4.3. CO2 absorption/stripping results of 80 vol % aMDEA/20 vol % water with
sweep He: 210 cm3/min and vacuum: 0.5 in. Hg for stripping mode*.
Feed gas flow rate

Concentration of CO2

Concentration of

Rate of CO2

(cm /min)

absorber out (%)

CO2 stripper out (%)

absorption (%)

200

0.21

0.7

97.7

300

1.45

0.8

89.7

400

2.34

0.9

83.4

3

Liquid flow rate of 15.88 L/h; concentration of CO2 in 14.1 %; SHFR of 210 cm3/min;
VSS 0.5 in. Hg.
According to Table 4.3, humidified FGFR of 200 cm3/min showed the highest absorption
rate within the first 24 seconds in comparison to other two humidified feed gas flow rates
studied as expected. Moreover, concentrations of CO2 outside of stripper were a bit higher
than those of the first set because of the effect of sweep helium. Increase in SHFR
increases the driving force needed for removal of CO2 from rich-solvent; this is the
fundamental expression for the increase observed in the concentration of CO2 in the outlet
of the stripper. Figure 4.6 shows the comparison of results belonging in the first set and
the second set of the experiment.
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Figure 4.6. CO2 breakthrough results for humidified N2 gas before humidified feed gas and
aMDEA absorbent. The symbol FGFR-300-LFR-17.40-BT-51 stands for:
Humidified FGFR of 300 cm3/min and LFR of 17.40 L/h with bed temperature
(BT) at 51 0C.
In Figure 4.6, the experimental results are compared in terms of the effects of bed temperature
and liquid flow rate while other conditions humidified FGFR and absorbent concentration
remains constant but SHFR is 150 cm3/min and 210 cm3/min and vacuum level is 1.0 in. Hg
and 0.5 in. Hg in case of liquid flow rate of 17.40 L/h with bed temperature at 51 0C and LFR
of 15.88 L/h with bed temperature at 46 0C, respectively. CO2 concentration in outlet of
absorber within the first 75 seconds were 5, 6.82 ,1.45 and 2.34 % for FGFR-300-LFR-17.40BT-51, FGFR-400-LFR-17.40-BT-51, FGFR-300-LFR-15.88-BT-46 and FGFR-400-LFR15.88-BT-46. According to these results, outlet CO2 concentration of FGFR-300-LFR-15.88BT-46 becomes the lowest because CO2 absorption rate is higher at a lower temperature and
also lower FGFR and LFR increases interactions between liquid and gas phases and so
increased residence time. According to results of this experiments, further experiments were
conducted under lower humidified FGFRs to obtain better absorption capacity and lower
SHFR for stripping mode to get higher CO2 concentration outside of stripper.

95

4.1.4. Determination of Amine Strength
The absorbent liquid was titrated with sulfuric acid (1N) to determine the working capacity
of absorbent liquid. As a result of titration, it was found that the absorbent liquid only had
28.6 vol % aMDEA and then MDEA liquid and piperazine were added to solution to
obtain 80 vol % aMDEA/ 20 vol % water in accordance with the equation presented in
Appendix C. The experiments were started again after making sure that absorbent liquid
had a concentration of 80 vol % aMDEA. Before each run, amine strength of the absorbent
liquid was tested by titration method.
4.1.5. Absorption and Stripping Experiments for aMDEA in 80 vol % with
Vacuum and Sweep He for Stripping Mode
After titration, new experimental set was firstly run with humidified N2 GFR of 50
cm3/min fed into tube side of HFMs in absorption membrane contactor. This process was
implemented for each run of both this experiment and other experiments following this
experiment. In this section, experiments were conducted with three different liquid flow
rates, six different humidified FGFRs and 2 different stripping modes including vacuum
at 1 in. Hg and helium gas in two different flow rates as sweep gas.

4.1.6. Absorption and Stripping Experiments for 80 vol % aMDEA at 15.10 L/h
In the first experiment, LFR and SHFR were 15.10 L/h and 50 cm3/min, respectively.
Humidified FGFRs changed between 50 cm3/min and 300 cm3/min feeding into the
lumen side of HFMs in absorption module with combo-mode for stripping where the
vacuum level applied was 1 in. Hg (2.54 cm Hg) and SHFR was 50 cm3/min. Feed gas
temperature and bed temperature were 25 0C and 46.6 0C, respectively. Moreover, the
liquid temperature entering stripping module was 102.4 0C. Figure 4.7 shows CO2
breakthrough results under these conditions.
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Figure 4.7. CO2 breakthrough results with aMDEA absorbent composition of 80 vol %
aMDEA/20 vol % water at 15.10 L/h and a sweep He at 50 cm3/min.
These curves give a useful indication of the amount of CO2 uptake thanks to integral of the
area under curve and subtracting it from the total area, one can provide the CO2 sorption
capacities of all the above experiments calculated from the CO2 breakthrough curves (Kamad,
2017). The first CO2 breakthrough times were 5.01 minutes, 4.18 minutes, 3.82 minutes, 3.21
minutes, 2.55 minutes and 2.07 minutes for humidified FGFRs of 50 cm3/min, 100 cm3/min,
150 cm3/min, 200 cm3/min, 250 cm3/min, 300 cm3/min, respectively. Humidified FGFRs of
50 cm3/min showed maximum absorption capacity in percent and the absorbent liquid got
saturated after 136 minutes, and other GFRs between 100 cm3/min and 300 cm3/min reached
breakthrough in 97 minutes, 71 minutes, 57 minutes, 46 minutes and 38 minutes, respectively
as seen in Figure 4.7. Moreover, Table 4.4 shows CO2 absorption and stripping results of 80
vol % aMDEA / 20 vol % water with sweep He and vacuum for stripping mode.
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Table 4.4. CO2 absorption/stripping results with aMDEA absorbent composition of 80 vol % aMDEA/20 vol % water at 15.10 L/h and a SHFR of
50 cm3/min.*

*Humidified feed gas at 50-300 cm3/min; LFR of 15.10 L/h; concentration of CO2 in 14.1 %; absorption temperature: 46.6 0C; stripping temperature:
102.4 0C; SHFR of 50 cm3/min; vacuum on sweep side 1 in. Hg (2.54 cm Hg).
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According to Table 4.4, humidified FGFR of 50 cm3/min showed the highest CO2 recovery
in stripped gas because of the fact that the saturation of absorbent liquid took a long time in
comparison the higher feed gas flow rate due to fresh solvent contacted with gas molecules
longer time. CO2 recovery percent for humidified FGFR among 100 cm3/min and 300
cm3/min was not very high pointing out insufficient regeneration of absorbent but in
accordance with previous experiments, these values showed better results. The volume of
CO2 absorbed in these experiments increased from 6.85 cm3/min to 38.3 cm3/min for
humidified FGFR of 50 cm3/min and 300 cm3/min, respectively.
Because the kinetic is a fast pseudo first order for the reaction between CO2 and amines, in
the fast reaction mass transfer does not associate with liquid film thickness. Table 4.5 shows
a comparison of overall MTC and VMTC for humidified FGFR in the range of 50 cm3/min
and 300 cm3/min.
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Table 4.5. Gas phase based overall MTC with aMDEA absorbent composition of 80 vol % aMDEA/20 vol % water at 15.10 L/h and a SHFR at
50 cm3/min*.

*Humidified feed gas at 50-300 cm3/min; LFR of 15.10 L/h; concentration of CO2 in 14.1 %; absorption temperature: 46.6 0C; stripping
temperature: 102.4 0C; SHFR of 50 cm3/min; VSS 1 in. Hg (2.54 cm Hg).
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According to Table 4.5 for humidified FGFR of 300 cm3/min, the value of Kogav is 0.484 s-1
when value of surface area per unit volume is 2102.5 m2/m3. For a comparison Li et al., 2013
obtained a value of 0.400 s-1 by using aMDEA absorbent liquid in concentration of 40 wt %
MDEA / 60 wt % water with a super-hydrophobic PEEK HFMC.
After this experiment, new experimental set was firstly run with LFR of 15.10 L/h as well
as SHFR of 100 cm3/min. Humidified FGFRs was varied between 50 cm3/min and 300
cm3/min feeding into the lumen side of hollow fibers in the absorption module with combomode for stripping where the vacuum level applied was 1 in. Hg (2.54 cm Hg) and SHFR
was 100 cm3/min. Feed gas temperature and bed temperature were 25 0C and 46.6 0C,
respectively. Moreover, the liquid temperature entering stripping module was 102.4 0C.
Figure 4.8 shows CO2 breakthrough results under these conditions.

FGFR-50-LFR-15.1
FGFR-150-LFR-15.1
FGFR-250-LFR-15.1

FGFR-100-LFR-15.1
FGFR-200-LFR-15.1
FGFR-300-LFR-15.1

CO2 Con. Absorber Out (%)

16
14
12
10
8
6
4
2
0
0

30

60

90

120

150

Time, min

Figure 4.8. CO2 breakthrough results with aMDEA absorbent composition of 80 vol %
aMDEA/20 vol % water at 15.10 L/h and a SHFR of 100 cm3/min.
Humidified FGFRs of 50 cm3/min showed maximum absorption capacity in percent and
absorbent liquid got saturated after 120 minutes, and other GFRs between 100 cm3/min and
300 cm3/min reached breakthrough in 97 minutes, 86 minutes, 64 minutes, 54 minutes and
41 minutes, respectively as seen in Figure 4.8. Moreover, Table 4.6 shows CO2 absorption
and stripping results of 80 vol % aMDEA / 20 vol % water with SHFR of 100 cm3/min and
VSS 1 in. Hg for stripping mode.
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Table 4.6. CO2 absorption/stripping results with aMDEA absorbent composition of 80 vol % aMDEA/20 vol % water at 15.10 L/h and a SHFR at
100 cm3/min*.

*Humidified feed gas at 50-300 cm3/min; LFR of 15.10 L/h; concentration of CO2 in 14.1 %; absorption temperature: 46.6 0C; stripping
temperature: 102.4 0C; SHFR of 100 cm3/min; VSS 1 in. Hg (2.54 cm Hg).
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According to Table 4.6 humidified FGFR of 50 cm3/min showed the highest CO2 recovery
in stripped gas because of the fact that the saturation of absorbent liquid took a long time in
comparison the higher FGFR due to fresh solvent contacted with gas molecules longer time.
CO2 recovery percent for humidified FGFR between 250 cm3/min and 300 cm3/min showed
very close results to each other. The volume of CO2 absorbed in these experiments increased
from 6.82 cm3/min to 36.5 cm3/min for humidified FGFR of 50 cm3/min and 300 cm3/min,
respectively. When these results are compared with experimental studies running with SHFR
of 100 cm3/min, they show close values to each other with respect to CO2 absorbed. However,
CO2 recovery rate is approximately two times higher when the flow rate of He sweep gas
drops by half between humidified FGFRs of 100 - 200 cm3/min, while it nearly shows the
same results in humidified FGFRs of 50, 250 and 300 cm3/min. Table 4.7 shows a comparison
of overall MTC and VMTC for humidified FGFR in the range of 50 cm3/min and 300
cm3/min under conditions of liquid flow rate of 16.60 L/h and SHFR of 100 cm3/min.
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Table 4.7. Gas phase based overall MTC with aMDEA absorbent composition of 80 vol % aMDEA/20 vol % water at 15.10 L/h and a SHFR at
100 cm3/min*.

*Humidified feed gas at 50-300 cm3/min; LFR of 15.10 L/h; concentration of CO2 in 14.1 %; absorption temperature: 46.6 0C; stripping temperature:
102.4 0C; SHFR of 100 cm3/min; VSS 1 in. Hg (2.54 cm Hg).
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In accordance with Table 4.7, volumetric mass transfer coefficient exhibited the highest value
(0.410 s-1) for humidified FGFR of 300 cm3/min. Clearly, this value is very close to that of
humidified FGFR of 250 cm3/min in case of SHFR of 250 cm3/min (0.414 s-1). When Table
4.5 and Table 4.7 are compared, humidified FGFRs changing between 100 cm3/min and 300
cm3/min exhibited relatively high values in SHFR of 50 cm3/min except humidified FGFR
of 50 cm3/min.

4.1.7. Absorption and Stripping Experiments for 80 vol % aMDEA at 16.60 L/h
Another experiment was run with different LFR (16.60 L/h) and SHFR of 50 cm3/min, while
humidified FGFRs (50-300 cm3/min) and vacuum level (1 in. Hg) were the same with the
previous study. Moreover, feed gas temperature (25 0C), bed temperature (46.6 0C) and the
liquid temperature entering stripping module (102.4 0C) were not changed. Figure 4.9 shows
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CO2 breakthrough results under these conditions.
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Figure 4.9. CO2 breakthrough results with aMDEA absorbent composition of 80 vol %
aMDEA/20 vol % water at 16.60 L/h and a SHFR of 50 cm3/min.
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Humidified FGFRs of 50 cm3/min showed maximum absorption capacity as percent as
accepted and absorbent liquid got saturated after 87 minutes, and other GFRs between 100
cm3/min and 300 cm3/min reached breakthrough in 66 minutes, 46 minutes, 36 minutes,
29 minutes and 23 minutes, respectively as seen in Figure 4.9.
Moreover, Table 4.8 shows CO2 absorption and stripping results of 80 vol % aMDEA / 20
vol % water at 16.60 L/h with sweep He gas (50 cm3/min) and vacuum (1 in. Hg) for
stripping mode.
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Table 4.8. CO2 absorption/stripping results with aMDEA absorbent composition of 80 vol % aMDEA/20 vol % water at 16.60 L/h and a SHFR
at 50 cm3/min*.

*Humidified feed gas at 50-300 cm3/min; LFR of 16.60 L/h; concentration of CO2 in 14.1 %; absorption temperature: 46.6 0C; stripping
temperature: 102.4 0C; SHFR of 50 cm3/min; VSS 1 in. Hg (2.54 cm Hg).

107

According to Table 4.8, humidified FGFR of 50 cm3/min showed the highest CO2
recovery and lowest absorption rate but the highest CO2 removal rate belongs to
humidified FGFR of 100 cm3/min in contrast to the previous studies. CO2 recovery
percent for all humidified FGFRs is lower than values where LFR and SHFR are 15.10
L/h and 50 cm3/min, respectively but it shows higher values in case of humidified
FGFRs changing between 100 cm3/min and 250 cm3/min in comparison with LFR and
SHFR are 15.10 L/h and 100 cm3/min, respectively. The volume of CO2 absorbed in
these runs increased from 6.82 cm3/min to 37.8 cm3/min for humidified FGFR of 50
cm3/min and 300 cm3/min, respectively showing slightly difference with the previous
experiments. Table 4.9 shows a comparison of overall MTC and VMTC for humidified
FGFR in the range of 50 cm3/min and 300 cm3/min under conditions which are liquid
flow rate of 16.60 L/h and SHFR of 50 cm3/min.
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Table 4.9. Gas phase based overall MTC with aMDEA absorbent composition of 80 vol % aMDEA/20 vol % water at 16.60 L/h and a SHFR at
50 cm3/min*.

*Humidified feed gas at 50-300 cm3/min; LFR at 16.60 L/h; concentration of CO2 in 14.1 %; absorption temperature: 46.6 0C; stripping
temperature: 102.4 0C; SHFR of 50 cm3/min; VSS 1 in. Hg (2.54 cm Hg).
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In accordance with Table 4.9, VMTC exhibited the highest value (0.463 s-1) for
humidified FGFR of 300 cm3/min and it showed lower and higher values for humidified
FGFR in the range of 100-300 cm3/min than in case of LFR of 15.10 L/h and SHFR of
50 cm3/min and 100 cm3/min.
Another experiment was run with LFR of 16.60 L/h as well as SHFR of 100 cm3/min.
Humidified FGFRs changed between 50 and 300 cm3/min feeding into the lumen side of
HFMs in absorption module with combo-mode for stripping where the vacuum level
applied was 1 in. Hg (2.54 cm Hg) and SHFR was 100 cm3/min. Feed gas temperature
and bed temperature were 25 0C and 46.6 0C, respectively. Moreover, the liquid
temperature entering stripping module was 102.4

0

C. Figure 4.10 shows CO2

breakthrough results under these conditions.
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Figure 4.10. CO2 breakthrough results with aMDEA absorbent composition of 80 vol %
aMDEA/20 vol % water at 16.60 L/h and a SHFR of 100 cm3/min.
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Humidified FGFRs in the range of 50-300 cm3/min reached the total breakthrough time in 74
minutes, 49 minutes, 34 minutes, 25 minutes, 19 minutes and 17 minutes, respectively as
seen in Figure 4.10. Furthermore, Table 4.10 presents CO2 absorption and stripping results
of 80 vol % aMDEA/20 vol % water with sweep He (100 cm3/min) and vacuum (1 in. Hg)
for stripping mode.
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Table 4.10. CO2 absorption/stripping results with and aMDEA absorbent composition of 80 vol % aMDEA/20 vol % water at 16.60 L/h and a
SHFR at 100 cm3/min*.

*Humidified feed gas at 50-300 cm3/min; LFR of 16.60 L/h; concentration of CO2 in 14.1 %; absorption temperature: 46.6 0C; stripping
temperature: 102.4 0C; SHFR of 100 cm3/min; VSS 1 in. Hg (2.54 cm Hg).
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According to Table 4.10, humidified FGFR of 50 cm3/min showed the highest CO2 recovery
(72.7 %) and this result is so close to previous experiment (73.5 %) under the same conditions
except SHFR. In addition to this results, CO2 removal rates are nearly same for humidified
FGFRs in the range of 200-300 cm3/min. In accordance with concentration of CO2 inlet of
the absorber, humidified FGFR of 50 cm3/min exhibited the maximum absorption rate during
the breakthrough time. Table 4.11 presents a comparison of overall MTC and VMTC for
humidified FGFR in the range of 50-300 cm3/min under conditions which are LFR of 16.60
L/h and SHFR of 100 cm3/min.
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Table 4.11. Gas phase based overall MTC with and aMDEA absorbent composition of 80 vol % aMDEA/20 vol % water at 16.60 L/h and a
SHFR at 100 cm3/min*.

*Humidified feed gas at 50-300 cm3/min; LFR of 16.60 L/h; concentration of CO2 in 14.1 %; absorption temperature: 46.6 0C; stripping
temperature: 102.4 0C; SHFR of 100 cm3/min; VSS 1 in. Hg (2.54 cm Hg).
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In accordance with Table 4.11, VMTC exhibited relatively same results for all humidified
FGFRs except of humidified FGFR of 50 cm3/min (0.0930 s-1) with experiments under
the same conditions including only one difference that is LFR(15.10 L/h). The highest
VMTC is 0.417 s-1 in case of humidified FGFR of 300 cm3/min owing to the maximum
CO2 absorption capacity.

4.1.8. Absorption and Stripping Experiments for 80 vol % aMDEA at 18.90 L/h
Another experiment was run with liquid absorbent flow rate of 18.90 L/h as well as SHFR
of 50 cm3/min. Humidified FGFRs were changed between 50 and 300 cm3/min feeding
into the lumen side of hollow fibers in absorption module with combo-mode for stripping
where the vacuum level applied was 1 in. Hg (2.54 cm Hg) and SHFR was 50 cm3/min.
Feed gas temperature and bed temperature were 25 0C and 46.6 0C, respectively.
Moreover, the liquid temperature entering stripping module was 102.4 0C. Figure 4.11
shows CO2 breakthrough results under these conditions.
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Figure 4.11. CO2 breakthrough results with aMDEA absorbent composition of 80 vol %
aMDEA/20 vol % water at 18.90 L/h and a SHFR of 50 cm3/min.
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Humidified FGFRs in the range of 50-300 cm3/min reached the total breakthrough time in
52 minutes, 38 minutes, 30 minutes, 27 minutes, 19 minutes and 16 minutes, respectively
as seen in Figure 4.11. For humidified FGFR in the range of 250-300 cm3/min, the solvent
got saturated in the same time in which LFR and SHFR are 16.60 L/h and 100 cm3/min,
respectively. Table 4.12 presents CO2 absorption and stripping results of 80 vol %
aMDEA/20 vol % water with sweep He (100 cm3/min) and vacuum (1 in. Hg) for stripping
mode.
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Table 4.12. CO2 absorption/stripping results with aMDEA absorbent composition of 80 vol % aMDEA/20 vol % water at 18.90 L/h and a SHFR
at 50 cm3/min*.

*Humidified feed gas at 50-300 cm3/min; LFR of 18.90 L/h; absorption temperature: 46.6 0C; stripping temperature: 102.4 0C; SHFR of 50
cm3/min; VSS1 in. Hg (2.54 cm Hg).
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According to Table 4.12, humidified FGFR of 50 cm3/min showed the highest CO2 recovery
(74.8 %). When Table 4.10 and Table 4.12 are compared, CO2 recovery rates for humidified
FGFR of 300 cm3/min are very close to each other. This result points out that the increase in
the LFR together with the decrease in the SHFR do not have a major impact on CO2 recovery.
Results up to now showed that the maximum CO2 recovery is found in the lowest GFR, LFR
and SHFR (83.5 %). Table 4.13 presents a comparison of overall MTC and VMTC for
humidified FGFR in the range of 50-300 cm3/min under conditions of LFR of 18.90 L/h and
SHFR of 50 cm3/min.
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Table 4.13. Gas phase based overall MTC with aMDEA absorbent composition of 80 vol % aMDEA/20 vol % water at 18.90 L/h and a SHFR
at 50 cm3/min*.

*Humidified feed gas at 50-300 cm3/min; LFR of 18.90 L/h; concentration of CO2 in 14.1 %; absorption temperature: 46.6 0C; stripping
temperature: 102.4 0C; SHFR of 50 cm3/min; VSS 1 in. Hg (2.54 cm Hg).
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In accordance with Table 4.13, the maximum VMTC (0.435 s-1) belongs to the maximum
humidified FGFR (300 cm3/min) but this value is smaller than ones in the same humidified
FGFR for different LFRs consisting of the minimum LFR studied (15.10 L/h) and another
one (16.60 L/h). This result shows that low LFR and high FGFR present high VMTC since
gas phase resistance needs to be decreased with such a fast liquid phase reaction.
The last experiment related to aMDEA absorbent with a concentration of 80 vol %
aMDEA/20 vol % water was that LFR and SHFR were 18.90 L/h, 100 cm3/min,
respectively. In this experiments, humidified FGFRs changed between 50 and 300
cm3/min feeding into the lumen side of HFMs in absorption module with combo-mode
for stripping where the vacuum level applied was 1 in. Hg (2.54 cm Hg) and SHFR was
100 cm3/min. Feed gas temperature and bed temperature were 25 0C and 46.6 0C,
respectively. Moreover, the liquid temperature entering stripper module was 102.4 0C.
Figure 4.12 shows CO2 breakthrough results under these conditions.
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Figure 4.12. CO2 breakthrough results with aMDEA absorbent composition of 80 vol %
aMDEA/20 vol % water at 18.90 L/h and a SHFR of 100 cm3/min.
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Humidified FGFRs in the range of 50-300 cm3/min reached the total breakthrough time in 41
minutes, 26 minutes, 20 minutes, 18 minutes, 17 minutes and 15 minutes, respectively as
seen in Figure 4.12. Table 4.14 presents CO2 absorption and stripping results of 80 vol %
aMDEA/20 vol % water at 18.90 L/h with sweep He (100 cm3/min) and vacuum (1 in. Hg)
for stripping mode.
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Table 4.14. CO2 absorption/stripping results with aMDEA absorbent composition of 80 vol % aMDEA/20 vol % water at 18.90 L/h and a SHFR
at 100 cm3/min*.

*Humidified feed gas at 50-300 cm3/min; LFR of 18.90 L/h; concentration of CO2 in 14.1 %; absorption temperature: 46.6 0C; stripping
temperature: 102.4 0C; SHFR of 100 cm3/min; VSS 1 in. Hg (2.54 cm Hg).
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According to Table 4.14, CO2 recovery rates for all humidified FGFRs in the range of 50300 cm3/min showed the lowest values when they were compared to the previous studies.
Thus, it can be easily said that the increase in both LFR and SHFR can complicate the
regeneration of the solvent. As seen from Tables related to CO2 absorption/stripping
results, the lowest CO2 recovery rate (3.25 %) was observed in conditions including the
highest LFR (18.90 L/h), the highest humidified FGFR(300 cm3/min), and the highest
SHFR (100 cm3/min), while CO2 recovery rate reached to the maximum (83.5 %) under
the lowest conditions in which LFR was 15.10 L/h, humidified FGFR was 50 cm3/min and
SHFR was 50 cm3/min. Table 4.15 presents a comparison of overall MTC and VMTC for
humidified FGFR in the range of 50-300 cm3/min under conditions of LFR of 18.90 L/h
and SHFR of 100 cm3/min.
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Table 4.15. Gas phase based overall mass transfer coefficient with aMDEA absorbent composition of 80 vol % aMDEA/20 vol % water at 18.90
L/h and a SHFR at 100 cm3/min*.

*Humidified feed gas at 50-300 cm3/min; LFR of 18.90 L/h; concentration of CO2 in 14.1 %; absorption temperature: 46.6 0C; stripping
temperature: 102.4 0C; SHFR of 100 cm3/min; VSS 1 in. Hg (2.54 cm Hg).
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In accordance with Table 4.15, the minimum VMTC (0.0850 s-1) in the experiments
related to aMDEA absorbent in concentration of 80 vol % aMDEA/20 vol % water for all
conditions belongs to the minimum humidified FGFR (300 cm3/min) and the maximum
LFR and the maximum SHFR. Moreover, VMTC showed the same result (0.410 s-1) under
conditions with humidified FGFR of 300 cm3/min and SHFR of 100 cm3/min as well as
both LFR of 15.10 L/h and 18.90 L.

4.2. Absorption and Stripping Experiments for aMDEA in 80 vol % with only
Sweep He without Vacuum for Stripping Mode
After the experiments related to liquid absorbent with 80 % vol aMDEA/20 % vol water
with combo-mode for stripping where the vacuum level applied was 1 in. Hg (2.54 cm
Hg) and SHFR in the range of 50-100 cm3/min were completed, it was decided to
implement experiments without vacuum for stripping mode. Hence, the objecive of this
experiment was to evaluate the impact of vacuum on the stripping mode, in other words
if it has an effect on CO2 concentration outside of the stripper or not. For this aim, the
experiments were done under conditions with humidified FGFR of 50 cm3/min and LFR
of 15.10 cm3/min for aMDEA absorbent in concentration of 80 vol % aMDEA/20 vol %
water. Feed gas temperature and bed temperature were 25 0C and 46.6 0C, respectively.
Moreover, the liquid temperature entering stripping module was 91.7 0C. To determine
the effective stripping mode, experiments were conducted with three SHFRs including
25, 50 and 100 cm3/min. Figure 4.13 shows CO2 breakthrough results under these
conditions.
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Figure 4.13. CO2 breakthrough results for SHFR in the range of 25-100 cm3/min. The
symbol FGFR-50-He-25 stands for: Feed gas flow rate (FGFR) at 50
cm3/min and sweep He flow rate of 25 cm3/min.
SHFRs in the range of 25-100 cm3/min reached the total breakthrough time in 57 minutes,
73 minutes and 68 minutes, respectively as seen in Figure 4.13. Table 4.16 presents CO2
absorption and stripping results of 80 vol % aMDEA/20 vol % water with SHFR in the
range of 25-100 cm3/min in case of LFR of 15.10 L/h.
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Table 4.16. CO2 absorption/stripping results with aMDEA absorbent composition of 80 vol % aMDEA/20 vol % water and SHFR at 25-100
cm3/min*.

*Humidified feed gas at 50-300 cm3/min; LFR at 15.10 L/h; concentration of CO2 in 14.1 %; absorption temperature: 46.6 0C; stripping
temperature: 102.4 0C; VSS 1 in. Hg (2.54 cm Hg).
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In accordance with Table 4.16, the increase in SHFR without vacuum did not cause to alter
in concentration of CO2 outside of the stripper. Thus, CO2 recovery rate was found as very
low values and close each other in sweep He flow rates studied. As a result of this experiment,
vacuum along with sweep He for stripping mode has a great importance on solvent
regeneration. Hence, all experiments were conducted with stripping mode defined as combo
including both vacuum and sweep He to obtain the regeneration of the solvent. Moreover,
Table 4.17 presents a comparison of overall MTC and VMTC for humidified FGFR of 50
cm3/min and LFR of 15.10 L/h and SHFRs in the range of 25-100 cm3/min for stripping mode
without vacuum. VMTCs were very low values and due to especially low CO2 recovery,
vacuum was needed along with sweep He for the future experiments.
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Table 4.17. Gas phase based overall MTC with aMDEA absorbent composition of 80 vol % aMDEA/20 vol % water and a SHFR at 25-100
cm3/min*.

*Humidified feed gas at 50-300 cm3/min; LFR at 15.10 L/h; concentration of CO2 in 14.1 %; absorption temperature: 46.6 0C; stripping
temperature: 102.4 0C; VSS 1 in. Hg (2.54 cm Hg).
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4.3. Absorption and Stripping Experiments for aMDEA in 90 vol % with Vacuum
and Sweep He for Stripping Mode
After the experiments related to aMDEA absorbent in concentration of 80 vol % aMDEA
/ 20 vol % water were done, other experiments including aMDEA absorbent in
concentration of 90 vol % aMDEA/10 vol % water were run for three different liquid flow
rates (15.10 L/h, 16.60 L/h and 18.90 L/h) and six different humidified FGFRs in range of
50-300 cm3/min as well as two different SHFRs (50 cm3/min and 100 cm3/min).

4.3.1. Absorption and Stripping Experiments for 90 vol % aMDEA at 15.10 L/h
In the first experiment, LFR and SHFRwere 15.10 L/h and 50 cm3/min, respectively.
Humidified FGFRswere varied between 50 and 300 cm3/min feeding into the lumen side
of HFMs in absorption module with combo-mode for stripping where the vacuum level
applied was 1 in. Hg (2.54 cm Hg) and SHFR was 50 cm3/min. Feed gas temperature and
bed temperature were 25 0C and 44.6 0C, respectively. Moreover, the liquid temperature
entering stripping module was 92.7 0C. Figure 4.14 shows CO2 breakthrough results under
these conditions.

Figure 4.14. CO2 breakthrough results with aMDEA absorbent composition of 90 vol %
aMDEA / 10 vol % water at 15.10 L/h and a SHFR of 50 cm3/min.
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Humidified FGFRs in the range of 50-300 cm3/min reached the total breakthrough time in
168 minutes, 105 minutes, 80 minutes, 64 minutes, 51 minutes and 45 minutes,
respectively as seen in Figure 4.14. Moreover, when these breakthrough times are
compared to those related to the absorbent in concentration of 80 vol % aMDEA / 20 vol
% water under same conditions, higher breakthrough times causing much more absorption
are observed. This observation can be explained that higher concentration of amine brings
about the increase in absorption rate. Table 4.18 presents CO2 absorption and stripping
results of 90 vol % aMDEA / 10 vol % water with sweep He (50 cm3/min) and vacuum (1
in. Hg) for stripping mode in case of LFR of 15.10 L/h.
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Table 4.18. CO2 absorption/stripping results with aMDEA absorbent composition of 90 vol % aMDEA / 10 vol % water at 15.10 L/h and a
SHFR at 50 cm3/min*.

*Humidified feed gas at 50-300 cm3/min; LFR of 15.10 L/h; concentration of CO2 in 14.1 %; absorption temperature: 44.6 0C; stripping
temperature: 92.7 0C; SHFR of 50 cm3/min; VSS 1 in. Hg (2.54 cm Hg).
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According to Table 4.18, the increase in the concentration of solvent increases concentration
of CO2 outside of stripper in contrast to outside of the absorber. At the end of this situation,
CO2 recovery rate increases from 83.5 % for aMDEA absorbent in concentration of 80 vol %
aMDEA/20 vol % water to 98.4 % for aMDEA absorbent in concentration of 90 vol %
aMDEA/10 vol % water in case of humidified FGFR of 50 cm3/min, LFRof 15.10 L/h and
SHFR of 50 cm3/min. Table 4.19 presents a comparison of overall MTC and VMTC for
humidified FGFR in the range of 50-300 cm3/min under conditions of LFR of 18.90 L/h for
aMDEA absorbent in concentration of 90 vol % aMDEA/10 vol % water and SHFR of 100
cm3/min.
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Table 4.19. Gas phase based overall MTC with aMDEA absorbent composition of 90 vol % aMDEA / 10 vol % water at 15.10 L/h and a SHFR
at 50 cm3/min*.

*Humidified feed gas at 50-300 cm3/min; LFR of 15.10 L/h; concentration of CO2 in 14.1 %; absorption temperature: 44.6 0C; stripping
temperature: 92.7 0C; SHFR of 50 cm3/min; VSS 1 in. Hg (2.54 cm Hg).
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In accordance with Table 4.19 and Table 4.5, VMTC values for all humidified FGFRs were
very close to each other but values for aMDEA absorbent in concentration of 90 vol %
aMDEA/10 vol % water showed slightly higher results than experiments studied for aMDEA
absorbent in concentration of 80 vol % aMDEA/20 vol % water
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Another experiment was run with LFR of 15.10 L/h as well as SHFR of 100 cm3/min.
Humidified FGFRs changed between 50 cm3/min and 300 cm3/min feeding into the lumen
side of HFMs in absorption module with combo-mode for stripping where the vacuum level
applied was 1 in. Hg (2.54 cm Hg) and SHFR was 50 cm3/min. Feed gas temperature and bed
temperature were 25 0C and 44.6 0C, respectively. Moreover, the liquid temperature entering
stripping module was 92.7 0C. Figure 4.15 shows CO2 breakthrough results under these
conditions.

Figure 4.15. CO2 breakthrough results with aMDEA absorbent composition of 90 vol %
aMDEA / 10 vol % water at 15.10 L/h and a SHFR of 100 cm3/min.
Humidified FGFRs in the range of 50-300 cm3/min reached the total breakthrough time in
134 minutes, 101 minutes, 75 minutes, 63 minutes, 49 minutes and 42 minutes, respectively
as seen in Figure 4.15. Table 4.20 presents CO2 absorption and stripping results of 90 vol %
aMDEA / 10 vol % water with sweep He (100 cm3/min) and vacuum (1 in. Hg) for stripping
mode in case of LFR of 15.10 L/h.
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Table 4.20. CO2 absorption/stripping results with aMDEA absorbent composition of 90 vol % aMDEA / 10 vol % water at 15.10 L/h and a
SHFR at 100 cm3/min*.

*Humidified feed gas at 100-300 cm3/min; LFR of 15.10 L/h; concentration of CO2 in 14.1 %; absorption temperature: 44.6 0C; stripping
temperature: 92.7 0C; SHFR of 100 cm3/min; VSS 1 in. Hg (2.54 cm Hg).

137

According to Table 4.20, the rise in the concentration of solvent remarkably increases
concentration of CO2 outside of the stripper. Thus, CO2 recovery rate increases from 22.4 %
for aMDEA absorbent in concentration of 80 vol % aMDEA/20 vol % water to 84.2 % for
aMDEA absorbent in concentration of 90 vol % aMDEA/10 vol % water in case of
humidified FGFR of 100 cm3/min, LFR of 15.10 L/h and SHFR of 100 cm3/min. Moreover,
other humidified feed gas flow rates showed a considerable increase in the CO2 recovery rate
because of the increase in the concentration of CO2 outside of the stripper. Table 4.21 shows
a comparison of overall MTC and VMTC for humidified FGFR in the range of 100 cm3/min
and 300 cm3/min under conditions of LFR of 15.10 L/h for aMDEA absorbent in
concentration of 90 vol % aMDEA/10 vol % water and SHFR of 100 cm3/min.
Table 4.21. Gas phase based overall MTC with aMDEA absorbent composition of 90 vol %
aMDEA / 10 vol % water at 15.10 L/h and a SHFR at 100 cm3/min*.

*Humidified feed gas at 100-300 cm3/min; LFR of 15.10 L/h; concentration of CO2 in 14.1
%; absorption temperature: 44.6 0C; stripping temperature: 92.7 0C; SHFR of 100 cm3/min;
VSS 1 in. Hg (2.54 cm Hg).
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In accordance with Table 4.19 and Table 4.21, higher SHFR can cause the decrease in the
VMTC. When Table 4.7 and Table 4.21 are compared, increase in the concentration of
solvent increases VMTC values for all humidified FGFRs.
4.3.2. Absorption and Stripping Experiments for 90 vol % aMDEA at 16.60 L/h
Another experiment was run with LFR of 16.60 L/h for and aMDEA absorbent in
concentration of 90 vol % aMDEA/10 vol % water as well as SHFR of 50 cm3/min.
Humidified FGFRs were changed between 50 and 300 cm3/min feeding into the lumen side
of hollow fibers in the absorption module with combo-mode for stripping where the vacuum
level applied was 1 in. Hg (2.54 cm Hg) and SHFR was 50 cm3/min. Feed gas temperature
and bed temperature were 25 0C and 44.6 0C, respectively. Moreover, the liquid temperature
entering stripping module was 92.7 0C. Figure 4.16 shows CO2 breakthrough results under
these conditions.
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Figure 4.16. CO2 breakthrough results with aMDEA absorbent composition of 90 vol %
aMDEA/10 vol % water at 16.60 L/h and a SHFR of 50 cm3/min.
Humidified FGFRs in the range of 50-300 cm3/min reached the total breakthrough time in 85
minutes, 65 minutes, 53 minutes, 44 minutes, 39 minutes and 35 minutes, respectively as
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seen in Figure 4.16. Table 4.22 presents CO2 absorption and stripping results of 90 vol %
aMDEA / 10 vol % water with sweep He (50 cm3/min) and vacuum (1 in. Hg) for stripping
mode in case of LFR of 16.60 L/h.
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Table 4.22. CO2 absorption/stripping results with aMDEA absorbent composition of 90 vol % aMDEA / 10 vol % water at 16.60 L/h and a
SHFR at 50 cm3/min*.

*Humidified feed gas at 50-300 cm3/min; LFR of 16.60 L/h; concentration of CO2 in 14.1 %; absorption temperature: 44.6 0C; stripping
temperature: 92.7 0C; SHFR of 50 cm3/min; VSS 1 in. Hg (2.54 cm Hg).
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When Table 4.18 and Table 4.22 are compared in terms of CO2 absorption rate and CO2
recovery rate, they showed nearly same results for humidified FGFR in the range of 150-250
cm3/min. Thus, it can be inferred from these Tables that the increase in the LFR does not
have an important impact on the parameters showing both absorption capacity and
regeneration capacity of the solvent. Table 4.23 shows a comparison of overall MTC and
VMTC for humidified FGFR in the range of 50-300 cm3/min under conditions of LFR of
16.60 L/h for aMDEA absorbent in concentration of 90 vol % aMDEA/10 vol % water and
sweep He flow rate of 50 cm3/min.
Table 4.23. Gas phase based overall MTC with aMDEA absorbent composition of 90 vol %
aMDEA / 10 vol % water at 16.60 L/h and a SHFR at 50 cm3/min*.

*Humidified feed gas at 50-300 cm3/min; LFR of 16.60 L/h; concentration of CO2 in 14.1
%; absorption temperature: 44.6 0C; stripping temperature: 92.7 0C; SHFR of 50 cm3/min;
vacuum on sweep side 1 in. Hg (2.54 cm Hg).
When the data in this table are compared to those in Table 4.19 and Table 4.9, VMTC showed
the same result for humidified FGFR of 50 cm3/min in case of LFR in the range of 15.1016.60 L/h and also the maximum VMTC was found as 0.483 s-1 for humidified FGFR of 300
cm3/min and LFR of 15.10 L/h in the concentration of 90 vol % aMDEA/10 vol % water as
well as SHFR of 50 cm3/min.
Another experiment was run with LFR of 16.60 L/h as well as SHFR of 100 cm3/min.
Humidified FGFRs were changed between 50-300 cm3/min feeding into the lumen side of

142

HFMs in absorption module with combo-mode for stripping where the vacuum level applied
was 1 in. Hg (2.54 cm Hg) and SHFR was 100 cm3/min. Feed gas temperature and bed
temperature were 25 0C and 44.6 0C, respectively. Moreover, the liquid temperature entering
stripping module was 92.7 0C. Figure 4.17 shows CO2 breakthrough results under these
condition.
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Figure 4.17. CO2 breakthrough results with aMDEA absorbent composition of 90 vol %
aMDEA / 10 vol % water at 16.60 L/h and a SHFR of 100 cm3/min.
Humidified FGFRs in the range of 50-300 cm3/min reached the total breakthrough time in 57
minutes, 47 minutes, 44 minutes, 30 minutes, 26 minutes and 22 minutes, respectively as
seen in Figure 4.17. Table 4.24 presents CO2 absorption and stripping results of 90 vol %
aMDEA / 10 vol % water with sweep He (100 cm3/min) and vacuum (1 in. Hg) for stripping
mode in case of LFR of 16.60 L/h.
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Table 4.24. CO2 absorption/stripping results with aMDEA absorbent composition of 90 vol % aMDEA / 10 vol % water at 16.60 L/h and a
SHFR at 100 cm3/min*.

*Humidified feed gas at 50-300 cm3/min; LFR of 16.60 L/h; concentration of CO2 in 14.1 %; absorption temperature: 44.6 0C; stripping
temperature: 92.7 0C; SHFR of 100 cm3/min; VSS 1 in. Hg (2.54 cm Hg).
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When Table 4.10 and Table 4.24 are compared in terms of concentration of CO2 outside of
the stripper, rise in the concentration of solvent remarkably increases this concentration.
Consequently, CO2 recovery rate increases from 3.45 % for aMDEA absorbent in
concentration of 80 vol % aMDEA/20 vol % water to 29.3 % for aMDEA absorbent in
concentration of 90 vol % aMDEA/10 vol % water in case of humidified FGFR of 300
cm3/min, LFR of 16.60 L/h and SHFR of 100 cm3/min. Table 4.25 shows a comparison of
overall MTC and VMTC for humidified FGFR in the range of 100-300 cm3/min under
conditions which are LFR of 16.60 L/h for aMDEA absorbent in concentration of 90 vol %
aMDEA/10 vol % water and SHFR of 100 cm3/min.
Table 4.25. Gas phase based overall MTC with aMDEA absorbent composition of 90 vol %
aMDEA / 10 vol % water at 16.60 L/h and a SHFR at 100 cm3/min*.

*Humidified feed gas at 50-300 cm3/min; LFR of 16.60 L/h; concentration of CO2 in 14.1%;
absorption temperature: 44.6 0C; stripping temperature: 92.7 0C; SHFR of 100 cm3/min; VSS
1 in. Hg (2.54 cm Hg).
In accordance with Table 4.11 and Table 4.25, the increase in the amine concentration brings
about significantly increase in VMTC as expected. When Table 4.23 and 4.25 are compared,
the increase SHFR can cause the decrease in the VMTC for especially lower humidified
FGFRs.

145

4.3.3. Absorption and Stripping Experiments for 90 vol % aMDEA at 18.90 L/h
Another experiment was run with LFR of 18.90 L/h and aMDEA absorbent in concentration
of 90 vol % aMDEA/10 vol % water as well as SHFR of 50 cm3/min. Humidified FGFRs
were changed between 50 and 300 cm3/min feeding into the lumen side of HFMs in
absorption module with combo-mode for stripping where the vacuum level applied was 1 in.
Hg (2.54 cm Hg) and SHFR was 50 cm3/min. Feed gas temperature and bed temperature were
25 0C and 44.6 0C, respectively. Moreover, the liquid temperature entering stripper module
was 92.7 0C. Figure 4.18 shows CO2 breakthrough results under these conditions.
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Figure 4.18. CO2 breakthrough results with aMDEA absorbent composition of 90 vol %
aMDEA/10 vol % water at 18.90 L/h and a SHFR of 50 cm3/min.
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Humidified FGFRs in the range of 50-300 cm3/min reached the total breakthrough time in 57
minutes, 44 minutes, 38 minutes, 35 minutes, 30 minutes and 28 minutes, respectively as
seen inFigure 4.18. Table 4.26 presents CO2 absorption and stripping results of 90 vol %
aMDEA / 10 vol % water with sweep He (50 cm3/min) and vacuum (1 in. Hg) for stripping
mode in case of LFR of 18.90 L/h.
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Table 4.26. CO2 absorption/stripping results with aMDEA absorbent composition of 90 vol % aMDEA / 10 vol % water at 18.90 L/h and a
SHFR at 50 cm3/min*.

*Humidified feed gas at 50-300 cm3/min; LFR of 18.90 L/h; concentration of CO2 in 14.1 %; absorption temperature: 44.6 0C; stripping
temperature: 92.7 0C; SHFR of 50 cm3/min; VSS 1 in. Hg (2.54 cm Hg).
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When this table is compared to Table 4.18 and Table 4.22 including LFRs of 15.10 L/h and
16.60 L/h, respectively, CO2 recovery FGFRs.

Moreover, as seen in the previous

experiments, the increase in the amine concentration triggers the increase in CO2 recovery
rate in other words, CO2 recovery rate increased from 74.8 % (Table 4.12) to 90.3 % (Table
4.26) for humidified FGFR of 50 cm3/min. Table 4.27 shows a comparison of overall MTC
and VMTC for humidified FGFR in the range of 100-300 cm3/min under conditions of LFR
of 18.90 L/h for aMDEA absorbent in concentration of 90 vol % aMDEA/10 vol % water
and SHFR of 50 cm3/min.
Table 4.27. Gas phase based overall MTC with aMDEA absorbent composition of 90 vol %
aMDEA / 10 vol % water at 18.90 L/h and a SHFR at 50 cm3/min*.

*Humidified feed gas at 50-300 cm3/min; LFR of 18.90 L/h; concentration of CO2 in 14.1
%; absorption temperature: 44.6 0C; stripping temperature: 92.7 0C; SHFR of 50 cm3/min;
VSS 1 in. Hg (2.54 cm Hg).
Experiments implemented under conditions including six different humidified FGFRs in the
range of 50-300 cm3/min, LFRs consisting of 15.10, 16.60 and 18.90 L/h, and SHFR of 50
cm3/min showed that the maximum VMTC belongs to the minimum LFR for all humidified
FGFRs.
The last experiment related to LFR of 18.90 L/h for aMDEA absorbent in concentration of
90 vol % aMDEA/10 vol % water was conducted with humidified FGFRs were varied
between 50 and 300 cm3/min feeding into the lumen side of HFMs in absorption module with
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combo-mode for stripping where the vacuum level applied was 1 in. Hg (2.54 cm Hg) and
SHFR was 100 cm3/min. Feed gas temperature and bed temperature were 25 0C and 44.6 0C,
respectively. Moreover, the liquid temperature entering stripper module was 92.7 0C. Figure
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4.19 shows CO2 breakthrough results under these conditions.
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Figure 4.19. CO2 breakthrough results with aMDEA absorbent composition of 90 vol %
aMDEA / 10 vol % water at 18.90 L/h and a SHFR of 100 cm3/min.
Humidified FGFRs in the range of 50-300 cm3/min reached the total breakthrough time in
56 minutes, 40 minutes, 35 minutes, 31 minutes, 27 minutes and 24 minutes, respectively as
seen in Figure 4.19. Table 4.28 presents CO2 absorption and stripping results of 90 vol %
aMDEA / 10 vol % water with sweep He (100 cm3/min) and vacuum (1 in. Hg) for stripping
mode in case of LFR of 18.90 L/h.

150

Table 4.28. CO2 absorption/stripping results with aMDEA absorbent composition of 90 vol % aMDEA / 10 vol % water at 18.90 L/h and a
SHFR at 100 cm3/min*.

*Humidified feed gas at 100-300 cm3/min; LFR of 18.90 L/h; concentration of CO2 in 14.1 %; absorption temperature: 44.6 0C; stripping
temperature: 92.7 0C; SHFR of 100 cm3/min; VSS 1 in. Hg (2.54 cm Hg).
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Results from this last experiments showed that LFR had an important effect on the solvent
regeneration namely if LFR increases, CO2 recovery rate decreases. When we looked at Table
4.20 and Table 4.24 to investigate the impact of LFR on the CO2 recovery rate under the same
conditions covering the same humidified FGFR and the same stripping mode, maximum
solvent regeneration was obtained in the minimum LFR. Moreover, when the effect of the
solvent concentration on the CO2 recovery was investigated, it can be easily expressed that
the increased solvent concentration and so lower water content in liquid absorbent
contributed to the CO2 recovery rate, remarkably as expected. Table 4.29 presents a
comparison of overall MTC and VMTC for humidified FGFR in the range of 50-300
cm3/min under conditions of LFR of 18.90 L/h for aMDEA absorbent in concentration of 90
vol % aMDEA/10 vol % water and SHFR of 100 cm3/min.
Table 4.29. Gas phase based overall MTC with aMDEA absorbent composition of 90 vol %
aMDEA / 10 vol % water at 18.90 L/h and a SHFR at 100 cm3/min*.

*Humidified feed gas at 50-300 cm3/min; LFR of 18.90 L/h; concentration of CO2 in 14.1
%; absorption temperature: 44.6 0C; stripping temperature: 92.7 0C; SHFR of 100 cm3/min;
VSS 1 in. Hg (2.54 cm Hg).
In accordance with Table 4.21, Table 4.25 and Table 4.29, lower liquid LFR provided higher
VMTC for all humidified FGFR. The lowest VMTC for three LFRs and six FGFRs and one
stripping mode (SHFR at 100 cm3/min and VSS 1 in. Hg) was 0.089 s-1 in case of humidified
FGFR of 50 cm3/min and LFR of 18.90 L/h.
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4.4. Absorption and Stripping Experiments for Pure aMDEA with Vacuum and
Sweep He for Stripping Mode
After the experiments related to aMDEA absorbent in concentration of 90 vol % aMDEA /
10 vol % water, other experiments including pure aMDEA absorbent without water content
were implemented for three different LFRs (15.10, 16.60 and 18.90 L/h) and six different
humidified FGFRs in range of 50-300 cm3/min as well as two different SHFRs (50-100
cm3/min).

4.4.1. Absorption and Stripping Experiments for Pure aMDEA at 15.10 L/h
In the first experiment, LFR rate and SHFR were 15.10 L/h and 50 cm3/min, respectively.
Humidified FGFRs were changed between 50 and 300 cm3/min feeding into the lumen side
of HFMs in absorption module with combo-mode for stripping where the vacuum level
applied was 1 in. Hg (2.54 cm Hg) and SHFR was 50 cm3/min. Feed gas temperature and bed
temperature were 25 0C and 44.6 0C, respectively. Moreover, the liquid temperature entering
stripper module was 92.7 0C. Figure 4.20 shows CO2 breakthrough results under these
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Figure 4.20. CO2 breakthrough results with pure aMDEA absorbent at 15.10 L/h and a SHFR
of 50 cm3/min.

153

Humidified FGFRs in the range of 50-300 cm3/min reached the total breakthrough time in
214 minutes, 96 minutes, 81 minutes, 55 minutes, 32 minutes and 24 minutes, respectively
as seen in Figure 4.20. The CO2 breakthrough curves for humidified FGFRs in the range of
100 – 300 cm3/min were sharp due to the fast diffusion of CO2 gas in the shell-side absorbent
liquid. The reason for the sharp breakthrough curve can be explained that if interfacial area
is higher and hollow fiber outer diameter is smaller than 290 µm showing outer diameter of
fiber worked in the present study, absorbent liquid thickness in between HFMs starts to
reduce drastically causing a much quicker saturation and this situation contributes to the sharp
breakthrough curve (Mulukutla et al., 2015; Kamad, 2017). Table 4.30 presents CO2
absorption and stripping results of pure with sweep He (50 cm3/min) and vacuum stripping
mode (1 in. Hg) in LFR of 15.10 L/h.
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Table 4.30. CO2 absorption/stripping results with pure aMDEA absorbent at 15.10 L/h and a SHFR at 50 cm3/min*.

*Humidified feed gas at 100-300 cm3/min; LFR of 15.10 L/h; concentration of CO2 in 14.1 %; absorption temperature: 44.6 0C; stripping
temperature: 92.7 0C; SHFR of 50 cm3/min; VSS 1 in. Hg (2.54 cm Hg).
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When this Table 4.30 is compared to the data in Table 4.4 and Table 4.18, the increase in the
concentration of the solvent increases concentration of CO2 outside of the stripper. At the end
of this situation, CO2 recovery rate increases from 44.7 % for aMDEA absorbent in
concentration of 80 vol % aMDEA/20 vol % water to 88.6 % for pure aMDEA absorbent in
case of humidified FGFR of 100 cm3/min, LFR of 15.10 L/h and SHFR of 50 cm3/min. Table
4.31 presents a comparison of overall MTC and VMTC for humidified FGFR in the range of
50-300 cm3/min under conditions of LFR of 15.10 L/h for aMDEA absorbent in
concentration of pure aMDEA and SHFR of 50 cm3/min.
Table 4.31. Gas phase based overall MTC with pure aMDEA absorbent at 15.10 L/h and a
SHFR at 50 cm3/min*.

*Humidified feed gas at 50-300 cm3/min; LFR of 15.10 L/h; concentration of CO2 in 14.1
%; absorption temperature: 44.6 0C; stripping temperature: 92.7 0C; SHFR of 50 cm3/min;
VSS 1 in. Hg (2.54 cm Hg).
In accordance with Table 4.5, Table 4.19 and Table 4.31, increased solvent concentration
resulted in the increase in the VMTC for all humidified FGFR and LFR of 15.10 L/h and
SHFR of 50 cm3/min. Among them, the maximum VMTC was 0.504 s-1 for humidified FGFR
of 300 cm3/min in case of pure aMDEA absorbent liquid.
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Another experiment was run with conditions including LFR of 15.10 L/h and SHFR of
100 cm3/min, respectively. Humidified FGFRs were changed between 50 and 300
cm3/min feeding into the lumen side of HFMs in absorption module with combo-mode for
stripping where the vacuum level applied was 1 in. Hg (2.54 cm Hg) and SHFR was 100
cm3/min. Feed gas temperature and bed temperature were 26 0C and 44.6 0C, respectively.
Moreover, the liquid temperature entering stripping module was 92.7 0C. Figure 4.21
shows CO2 breakthrough results under these conditions.
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Figure 4.21. CO2 breakthrough results with pure aMDEA absorbent at 15.10 L/h and a
SHFR of 100 cm3/min.
These times took much more time than experiments related to aMDEA in the
concentration both 80 vol % and 90%. This is due to high viscosity of absorbent liquid,
and lower packing density (Kamad, 2017). Moreover, humidified FGFRs in the range of
50-300 cm3/min reached the total breakthrough time in 222 minutes, 125 minutes, 81
minutes, 62 minutes, 51 minutes and 37 minutes, respectively as seen in Figure 4.21. Table
4.32 presents CO2 absorption and stripping results of pure aMDEA with sweep He (100
cm3/min) and vacuum (1 in. Hg) for stripping mode in case of LFR of 15.10 L/h.
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Table 4.32. CO2 absorption/stripping results with pure aMDEA absorbent at 15.10 L/h and a SHFR at 100 cm3/min*.

*Humidified feed gas at 100-300 cm3/min; LFR of 15.10 L/h; concentration of CO2 in 14.1 %; absorption temperature: 44.6 0C; stripping
temperature: 92.7 0C; SHFR of 100 cm3/min; VSS 1 in. Hg (2.54 cm Hg).
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When this Table 4.32 is compared to the data in Table 4.6 and Table 4.24, the maximum
and the minimum CO2 recovery rates were 96.2 % (Table 4.32) and 4.27 % (Table 4.6)
for pure aMDEA and aMDEA absorbent in concentration of 80 vol % aMDEA/20 vol %
water at 15.10 L/h in humidified FGFR of 50 and 300 cm3/min, respectively. Table 4.33
presents a comparison of overall MTC and VMTC for humidified FGFR in the range of
50-300 cm3/min under conditions of LFR of 15.10 L/h for aMDEA absorbent in
concentration of pure aMDEA and SHFR of 100 cm3/min.
Table 4.33. Gas phase based overall MTC with pure aMDEA absorbent at 15.10 L/h and
a swSHFR at 100 cm3/min*.

*Humidified feed gas at 50-300 cm3/min; LFR of 15.10 L/h; concentration of CO2 in 14.1
%; absorption temperature: 44.6 0C; stripping temperature: 92.7 0C; SHFR of 100
cm3/min; vacuum on sweep side 1 in. Hg (2.54 cm Hg).
In accordance with Table 4.7, Table 4.25 and Table 4.33, the relative order of VMTC for
three different amine concentrations, consisting of 80 %, 90% and pure under same
operating conditions including LFR of 15.10 L/h and humidified FGFR of 50 cm3/min and
SHFR of 100 cm3/min was 0.107 s-1 for 90 % (Table 4.25) < 0.118 s-1 for 80 % (Table 4.7)
< 0.130 s-1 for pure amine concentration (Table 4.33). Moreover, the maximum VMTC
(0.491 s-1) was found under conditions including humidified FGFR of 300 cm3/min and
pure aMDEA liquid in case of the minimum LFR (15.10 L/h).
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4.4.2. Absorption and Stripping Experiments for Pure aMDEA at 16.60 L/h
Another experiment was run with conditions including LFR of 16.60 L/h and SHFR of 50
cm3/min, respectively. Humidified FGFRs were changed between 50 and 300 cm3/min
feeding into the lumen side of hollow fibers in absorption module with combo-mode for
stripping where the vacuum level applied was 1 in. Hg (2.54 cm Hg) and SHFR was 50
cm3/min. Feed gas temperature and bed temperature were 26 0C and 44.6 0C, respectively.
Moreover, the liquid temperature entering stripping module was 92.7 0C. Figure 4.22
shows CO2 breakthrough results under these conditions.
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Figure 4.22. CO2 breakthrough results with pure aMDEA absorbent at 16.60 L/h and a
SHFR of 50 cm3/min.
Humidified FGFRs in the range of 50-300 cm3/min reached the total breakthrough time in
80 minutes, 68 minutes, 55 minutes, 45 minutes, 40 minutes and 35 minutes, respectively
as seen in Figure 4.22. Table 4.34 presents CO2 absorption and stripping results of pure
aMDEA with sweep He (50 cm3/min) and vacuum (1 in. Hg) for stripping mode in case
of LFR of 16.60 L/h.
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Table 4.34. CO2 absorption/stripping results with pure aMDEA absorbent at 16.60 L/h and a SHFR at 50 cm3/min*.

*Humidified feed gas at 100-300 cm3/min; LFR of 16.60 L/h; concentration of CO2 in 14.1 %; absorption temperature: 44.6 0C; stripping
temperature: 92.7 0C; SHFR of 50 cm3/min; VSS 1 in. Hg (2.54 cm Hg).
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When the results in Table 4.34 are compared with those in Table 4.30, the effect LFR can be
positively observed on CO2 recovery rate. When LFR increased under the experimental
conditions including different humidified FGFRs and SHFR of 50 cm3/min, the CO2 recovery
rate showed an increase. The maximum and the minimum CO2 recovery rates were 72.6 %
and 39.3 % for humidified FGFRs of 50 and 300 cm3/min, respectively (Table 4.34). Table
4.35 presents a comparison of overall MTC and VMTC for humidified FGFR in the range of
50-300 cm3/min under conditions of LFR of 16.60 L/h for aMDEA absorbent in concentration
of pure aMDEA and SHFR of 50 cm3/min.
Table 4.35. Gas phase based overall MTC with pure aMDEA absorbent at 16.60 L/h and a
SHFR at 50 cm3/min*.

*Humidified feed gas at 50-300 cm3/min; LFR of 16.60 L/h; concentration of CO2 in 14.1
%; absorption temperature: 44.6 0C; stripping temperature: 92.7 0C; SHFR of 50 cm3/min;
VSS 1 in. Hg (2.54 cm Hg).
In accordance with Table 4.9, Table 4.23 and Table 4.35, the relative order of VMTC for
three different amine concentrations, consisting of 80 %, 90% and pure under same operating
conditions including LFR of 16.60 L/h and humidified FGFR of 50 cm3/min and SHFR of 50
cm3/min was 0.117 s-1 for 80 % (Table 4.9) < 0.122 s-1 for 90 % (Table 4.23) < 0.127 s-1 for
pure amine concentration (Table 4.35). Moreover, the maximum VMTC (0.496 s-1) was
found under conditions including humidified FGFRof 300 cm3/min and SHFR of 50 cm3/min
as well as pure aMDEA liquid in case of the LFR of 16.60 L/h.
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Another experiment was run with conditions including liquid LFR of 16.60 L/h and SHFR
of 100 cm3/min, respectively. Humidified FGFRs were varied between 50 and 300 cm3/min
feeding into the lumen side of HFMs in absorption module with combo-mode for stripping
where the vacuum level applied was 1 in. Hg (2.54 cm Hg) and SHFR was 100 cm3/min.
Feed gas temperature and bed temperature were 26 0C and 44.6 0C, respectively. Moreover,
the liquid temperature entering stripper module was 92.7 0C. Figure 4.23 shows CO2
breakthrough results under these conditions.

Figure 4.23. CO2 breakthrough results with pure aMDEA absorbent at 16.60 L/h and a SHFR
of 100 cm3/min.
Humidified FGFRs in the range of 50-300 cm3/min reached the total breakthrough time in
111 minutes, 91 minutes, 83 minutes, 50 minutes, 42 minutes and 32 minutes, respectively
as seen in Figure 4.23. Table 4.36 presents CO2 absorption and stripping results of pure
aMDEA with sweep He (100 cm3/min) and vacuum (1 in. Hg) for stripping mode in case of
LFR of 16.60 L/h.
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Table 4.36. CO2 absorption/stripping results with pure aMDEA absorbent at 16.60 L/h and a SHFR at 100 cm3/min*.

*Humidified feed gas at 100-300 cm3/min; LFR of 16.60 L/h; concentration of CO2 in 14.1 %; absorption temperature: 44.6 0C; stripping
temperature: 92.7 0C; SHFR of 100 cm3/min; VSS 1 in. Hg (2.54 cm Hg).
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In accordance with Table 4.10, Table 4.24 and Table 4.36, the relative order of CO2
recovery rate for three different amine concentrations, consisting of 80 %, 90% and pure
under same operating conditions including LFR of 16.60 L/h and humidified FGFR of 100
cm3/min and SHFR of 100 cm3/min was 72.7 % for 80 % (Table 4.10) < 81.6 % for 90 %
(Table 4.26) < 92.7 % for pure amine concentration (Table 4.36). Table 4.37 presents a
comparison of overall MTC and VMTC for humidified FGFR in the range of 50 cm3/min
and 300 cm3/min under conditions of LFR of 16.60 L/h for aMDEA absorbent in
concentration of pure aMDEA and sweep SHFR of 100 cm3/min.
Table 4.37. Gas phase based overall MTC with pure aMDEA absorbent at 16.60 L/h and
a SHFR at 100 cm3/min*.

*Humidified feed gas at 50-300 cm3/min; LFR of 16.60 L/h; concentration of CO2 in 14.1
%; absorption temperature: 44.6 0C; stripping temperature: 92.7 0C; SHFR of 100
cm3/min; vacuVSS 1 in. Hg (2.54 cm Hg).
In accordance with Table 4.11, Table 4.25 and Table 4.37, the relative order of VMTC for
three different amine concentrations, consisting of 80 %, 90% and pure under same
operating conditions including LFR of 16.60 L/h and humidified FGFR of 50 cm3/min and
SHFR of 100 cm3/min was 0.0930 s-1 for 80 % (Table 4.11) < 0.107 s-1 for 90 % (Table
4.25) < 0.119 s-1 for pure amine concentration (Table 4.37). Moreover, the maximum
voVMTC (0.486 s-1) was found under conditions including humidified FGFR of 300
cm3/min and SHFR of 100 cm3/min as well as pure aMDEA liquid in case of LFR of 16.60
L/h.
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4.4.3. Absorption and Stripping Experiments for Pure aMDEA at 18.90 L/h
Another experiment was run with conditions including LFR of 18.90 L/h and SHFR of 50
cm3/min, respectively. Humidified FGFRs were varied between 50 and 300 cm3/min
feeding into the lumen side of HFMs in absorption module with combo-mode for stripping
where the vacuum level applied was 1 in. Hg (2.54 cm Hg) and SHFR was 50 cm3/min.
Feed gas temperature and bed temperature were 26 0C and 44.6 0C, respectively.
Moreover, the liquid temperature entering stripper module was 92.7 0C. Figure 4.24 shows
CO2 breakthrough results under these conditions.
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Figure 4.24. CO2 breakthrough results with pure aMDEA absorbent at 18.90 L/h and a
SHFR of 50 cm3/min.
Humidified FGFRs in the range of 50-300 cm3/min reached the total breakthrough time in
75 minutes, 56 minutes, 45 minutes, 40 minutes, 35 minutes and 30 minutes, respectively
as seen in Figure 4.24. Figure 4.38 presents CO2 absorption and stripping results of pure
aMDEA with sweep He (50 cm3/min) and vacuum (1 in. Hg) for stripping mode in case
of LFR of 18.90 L/h.
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Table 4.38. CO2 absorption/stripping results with pure aMDEA absorbent at 18.90 L/h and a SHFR at 50 cm3/min*.

*Humidified feed gas at 50-300 cm3/min; LFR of 18.90 L/h; concentration of CO2 in 14.1 %; absorption temperature: 44.6 0C; stripping
temperature: 92.7 0C; SHFR of 50 cm3/min; VSS 1 in. Hg (2.54 cm Hg).
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In accordance with Table 4.12, Table 4.26 and Table 4.38, the relative order of CO2
recovery rate for three different amine concentrations, consisting of 80 %, 90% and pure
under same operating conditions including liquid flow rate of 18.90 L/h and humidified
FGFR of 50 cm3/min and SHFR of 50 cm3/min was 74.8 % for 80 % (Table 4.12) < 90.3
% for 90 % (Table 4.26) < 96.9 % for pure amine concentration (Table 4.38). These order
can be attributed to the increase of CO2 concentration of stripper outside. Table 4.39
presents a comparison of overall MTC and VMTC for humidified FGFR in the range of
50-300 cm3/min under conditions of LFR of 18.90 L/h for aMDEA absorbent in
concentration of pure aMDEA and SHFR of 50 cm3/min.
Table 4.39. Gas phase based overall MTC with pure aMDEA absorbent at 18.90 L/h and
a SHFR at 50 cm3/min*.

*Humidified feed gas at 50-300 cm3/min; LFR of 18.90 L/h; concentration of CO2 in 14.1
%; absorption temperature: 44.6 0C; stripping temperature: 92.7 0C; SHFR of 50 cm3/min;
VSS 1 in. Hg (2.54 cm Hg).
In accordance with Table 4.13, Table 4.27 and Table 4.39, the relative order of VMTC for
three different amine concentrations, consisting of 80 %, 90% and pure under same
operating conditions including LFR of 18.90 L/h and humidified FGFR of 50 cm3/min and
SHFR of 50 cm3/min was 0.0940 s-1 for 80 % (Table 4.13) < 0.101 s-1 for 90 % (Table
4.27) < 0.114 s-1 for pure amine concentration (Table 4.39). Moreover, the maximum
VMTC (0.477 s-1) was found under conditions including humidified FGFR of 300 cm3/min
and SHFR of 50 cm3/min as well as pure aMDEA liquid in case of the LFR of 18.90 L/h.
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The last experiment was run with conditions including LFRof 18.90 L/h and SHFR of 100
cm3/min, respectively. Humidified FGFRs were varied between 50 and 300 cm3/min
feeding into the lumen side of HFMs in absorption module with combo-mode for stripping
where the vacuum level applied was 1 in. Hg (2.54 cm Hg) and SHFR was 100 cm3/min.
Feed gas temperature and bed temperature were 26 0C and 44.6 0C, respectively.
Moreover, the liquid temperature entering stripper module was 92.7 0C. Figure 4.25 shows
CO2 breakthrough results under these conditions.
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Figure 4.25. CO2 breakthrough results with pure aMDEA absorbent at 18.90 L/h and a
SHFR of 100 cm3/min.
Humidified FGFRs in the range of 50 cm3/min and 300 cm3/min reached the total
breakthrough time in 65 minutes, 50 minutes, 40 minutes, 35 minutes, 31 minutes and 27
minutes, respectively as seen in Figure 4.25. Table 4.40 presents CO2 absorption and
stripping results of pure aMDEA with sweep He (100 cm3/min) and vacuum (1 in. Hg) for
stripping mode in case of LFRof 18.90 L/h.
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Table 4.40. CO2 absorption/stripping results with pure aMDEA absorbent at 18.90 L/h and a SHFR at 100 cm3/min*.

*Humidified feed gas at 50-300 cm3/min; LFR of 18.90 L/h; concentration of CO2 in 14.1 %; absorption temperature: 44.6 0C; stripping
temperature: 92.7 0C; SHFRof 100 cm3/min; VSS 1 in. Hg (2.54 cm Hg).

170

In accordance with Table 4.14, Table 4.28 and Table 4.40, the relative order of CO2 recovery
rate for three different amine concentrations, consisting of 80 %, 90 % and pure under same
operating conditions including LFR of 18.90 L/h and humidified FGFR of 100 cm3/min and
SHFR of 100 cm3/min was 12.6 % for 80 % (Table 4.14) < 54.1 % for 90 % (Table 4.28) <
88.6 % for pure amine concentration (Table 4.40). These order can be attributed to the rise
of CO2 concentration of outside of the stripper as mentioned before. Table 4.41 presents a
comparison of overall MTC and VMTC for humidified FGFR in the range of 50-300
cm3/min under conditions of LFR of 18.90 L/h for aMDEA absorbent in concentration of
pure aMDEA and SHFR of 100 cm3/min.
Table 4.41. Gas phase based overall MTC with pure aMDEA absorbent at 18.90 L/h and a
SHFR at 100 cm3/min*.

*Humidified feed gas at 50-300 cm3/min; LFR of 18.90 L/h; concentration of CO2 in 14.1
%; absorption temperature: 44.6 0C; stripping temperature: 92.7 0C; SHFR of 100 cm3/min;
VSS 1 in. Hg (2.54 cm Hg).
In accordance with Table 4.15, Table 4.29 and Table 4.41, the relative order of VMTC for
three different amine concentrations, consisting of 80 %, 90% and pure under same operating
conditions including LFR of 18.90 L/h and humidified FGFR of 50 cm3/min and SHFR of
100 cm3/min was 0.0850 s-1 for 80 % (Table 4.15) < 0.0890 s-1 for 90 % (Table 4.29) < 0.113
s-1 for pure amine concentration (Table 4.41). Moreover, the maximum VMTC (0.464 s-1)
was found under conditions including humidified FGFR of 300 cm3/min and SHFR of 100
cm3/min as well as pure aMDEA liquid in case of LFR of 18.90 L/h.
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4.5. Evaluation of Experimental Results with respect to Mass Transfer Coefficients
MTC and VMTC for all operating conditions including three different solvent
concentrations, six different humidified FGFRs, three different LFRs and two different
SHFRs are calculated in accordance with the experimental data. Overall MTC and VMTC
for six different humidified FGFRs, three LFRs and three liquid absorbent concentration in
terms of the effect of SHFR will be separately presented in the following Tables. Table 4.42
shows the overall MTC values for humidified FGFRs in the range of 50-300 cm3/min and
LFRs in the range of 15.10-18.90 L/h for three different liquid absorbent concentration (80
%, 90 % and pure) and SHFR of 50 cm3/min. In addition to Table 4.42, Table 4.43 shows
the overall mass transfer coefficient values for humidified FGFRs in the range of 50–300
cm3/min and LFRs in the range of 15.10–18.90 L/h for three different liquid absorbent
concentration (80 %, 90 % and pure) and SHFR of 100 cm3/min.
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Table 4.42. Gas phase based overall MTC with a SHFR of 50 cm3/min*.

*Humidified feed gas at 50-300 cm3/min; aMDEA absorbent composition of 80 % and 90 % and pure; LFR at 15.10 - 18.90 L/h; VSS in. Hg
(2.54 cm Hg).
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Table 4.43. Gas phase based overall MTC with a SHFR of 100 cm3/min*.

*Humidified feed gas at 50-300 cm3/min; aMDEA absorbent composition of 80 % and 90 % and pure; LFR at 15.10 - 18.90 L/h; VSS 1 in.
Hg (2.54 cm Hg).
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When Table 4.42 and Table 4.43 are examined, some results related to relationship between
overall MTC and operating conditions can be easily said. They can be listed as i) the increase
in LFR decreases overall MTC for all conditions, ii) the increase in humidified FGFR
increases overall MTC for all conditions, iii) the increase in liquid absorbent concentration
increases overall MTC for the same LFRs and FGFRs and lastly iv) under the same
conditions consisting of same FGFR, same LFR and same liquid absorbent concentration,
the increase in SHFR causes the decrease in overall MTC.
In this study, the maximum overall MTC was found as 2.40x10-4 ms-1 for maximum FGFR
(300 cm3/min), minimum LFR (15.10 L/h), maximum absorbent liquid concentration (pure
aMDEA) and minimum SHFR (50 cm3/min). Moreover, the minimum overall MTC was
found as 4.05x10-5 ms-1 for minimum humidified FGFR (50 cm3/min), maximum LFR (18.90
L/h), minimum absorbent liquid concentration (80% aMDEA + 20 % water) and maximum
SHFR (100 cm3/min).
For a comparison Cao et al., (2017) obtained overall MTC values of 1.0x10-4 ms-1, 1.9x10-4
ms-1, 2.0x10-4 ms-1 and 2.1x10-4 ms-1, for LFR of 0.01, 0.03, 0.06 and 0.09 ms-1, respectively
under conditions with amine concentration of 2 mol/L, feed gas 20 % v/v CO2 and gas
velocity of 3000 cm3/min using MDEA tertiary amine solution at room temperature in a
hollow fiber PTFE membrane contactor. It is clear that the overall MTC obtained here is
higher than this value, although gas flow rate is so high. Since it is well-known fact that gas
flow rate plays an important role in CO2 absorption process in overall MTC because of gas
velocity results in the enhancement of driving force which can improve the mass transfer
performance for CO2 absorption in amine solutions. However, despite the fact that this study
was conducted with considerably lower FGFR than study by Cao et al., 2010 overall MTC
exhibited higher values. This can be explained by the usage of activated MDEA providing
fast reaction with CO2 and so higher absorption capacity and mass transfer can be observed.
Table 4.44 shows VMTC values for humidified FGFRs in the range of 50-300 cm3/min and
LFRs in the range of 15.10-18.90 L/h for three different liquid absorbent concentration (80
%, 90 % and pure) and SHFR of 50 cm3/min. In addition to Table 4.44, Table 4.45 shows
VMTC values for humidified FGFRs in the range of 50-300 cm3/min and LFRs in the range
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of 15.10 L/h – 18.90 L/h for three different liquid absorbent concentration (80 %, 90 % and
pure) and SHFR of 100 cm3/min.
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Table 4.44. VMTC with a SHFR of 50 cm3/min*.

*Humidified feed gas at 50-300 cm3/min; aMDEA absorbent composition of 80 % and 90 % and pure; LFR at 15.10 - 18.90 L/h; VSS 1 in. Hg
(2.54 cm Hg).
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Table 4.45. VMTC with a SHFR of 100 cm3/min*.

*Humidified feed gas at 50-300 cm3/min; aMDEA absorbent composition of 80 % and 90 % and pure; LFR at 15.10 - 18.90 L/h; VSS 1 in.
Hg (2.54 cm Hg).
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When Table 4.44 and Table 4.45 are evaluated, the changes in VMTC can be associated with
operating conditions. Indeed, VMTC is directly related to overall MTC. Thus, factors
affecting overall MTC mentioned above affect VMTC at the same time. In this study, the
maximum VMTC was found as 0.504 s-1 for maximum FGFR (300 cm3/min), minimum
LFR (15.10 L/h), maximum absorbent liquid concentration (pure aMDEA) and minimum
SHFR (50 cm3/min). Moreover, the minimum VMTC was found as 0.085 s-1 for minimum
FGFR (50 cm3/min), maximum LFR (18.90 L/h), minimum absorbent liquid concentration
(80% aMDEA + 20 % water) and maximum SHFR (100 cm3/min).
For a comparison Li et al., (2013) obtained VMTC value of 0.40 s-1 under conditions with
amine concentration of 40 vol % aMDEA + 60 % water, FGFR of 1000 cm3/min and LFR
of 24 L/h using aMDEA tertiary amine solution at room temperature in a hollow fiber PEEK
membrane contactor. It is clear that VMTC obtained here is significantly higher than this
value, although FGFR and LFR are so high. Generally, it is obvious that an increase in the
liquid velocity leads to an increase in VMTC. This can be stated by the fact that the boundary
layer thickness of the liquid phase will decrease with liquid velocity increasing, leading to a
decreased in liquid-phase mass transfer resistance. Therefore, more amine molecules are
available to react with CO2 in gas-liquid contacting interface. Since it is well-known fact
that gas flow rate plays an important role in CO2 absorption process in overall MTC because
of gas velocity results in the enhancement of driving force which can improve the mass
transfer performance for CO2 absorption in amine solutions. However, despite the fact that
this study was conducted with considerably lower LFR than study by Li et al. (2013) VMTC
exhibited higher values.
Table 4.46 shows the molar CO2 flux for humidified FGFRs in the range of 50-300 cm3/min
and LFRs in the range of 15.10-18.90 L/h for three different liquid absorbent concentration
(80 %, 90 % and pure) and SHFR of 50 cm3/min. In addition to Table 4.46, Table 4.47 shows
the molar CO2 flux for humidified FGFRs in the range of 50-300 cm3/min and LFRs in the
range of 15.10-18.90 L/h for three different liquid absorbent concentration (80 %, 90 % and
pure) and SHFR of 100 cm3/min.
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Table 4.46. Molar CO2 flux with a SHFR of 50 cm3/min*.

*Humidified feed gas at 50-300 cm3/min; aMDEA absorbent composition of 80 % and 90 % and pure; LFR at 15.10 - 18.90 L/h; VSS 1 in. Hg
(2.54 cm Hg).

180

Table 4.47. Molar CO2 flux with a SHFR of 100 cm3/min*.

*Humidified feed gas at 50-300 cm3/min; aMDEA absorbent composition of 80 % and 90 % and pure; LFR at 15.10 - 18.90 L/h; VSS 1 in. Hg
(2.54 cm Hg).
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When Table 4.46 and Table 4.47 are evaluated, the maximum molar CO2 flux was found
as 5.13x10-4 gmolm-2s-1 for maximum humidified FGFR (300 cm3/min), minimum liquid
flow rate (15.10 L/h), maximum absorbent liquid concentration (pure aMDEA) and
minimum SHFR (50 cm3/min). Moreover, the minimum molar CO2 flux was found as
8.58x10-5 gmolm-2s-1 for minimum humidified FGFR (50 cm3/min), maximum LFR
(18.90 L/h), minimum absorbent liquid concentration (80% aMDEA + 20 % water) and
maximum SHFR (100 cm3/min)
The results obtained from this study compared to studies in the literature in terms of
overall mass transfer coefficient, VMTC and molar CO2 flux For a comparison Li et al.,
(2013) obtained molar CO2 flux of 3.26x10-4 mol/m-2s-1 under conditions with amine
concentration of 40 vol % aMDEA + 60 % water, FGFR of 1000 cm3/min and LFR of 24
L/h using aMDEA tertiary amine solution at room temperature in a hollow fiber PEEK
membrane contactor. It is clear that the molar CO2 flux (5.10 x10-4 mol/m2s-1) obtained
from the present study is 1.5 times higher than the value obtained by Li and co-workers,
although gas flow rate and liquid flow rate are so high in their study. Here this big
difference can be attributed to the solvent concentration, namely pure aMDEA
significantly exhibits high absorption capacity and molar CO2 flux. Rostami and coworkers (2018) investigated the effect of an ionic liquid (Bmim)(BF4) on the absorption
of CO2 using PP HFMCs. They applied to aqueous solutions of IL for physical absorption
and mixture of IL with MDEA for chemical absorption. The results showed that a mixture
containing 20 wt % of IL and 10 wt % of MDEA can improve the absorption capacity
about 10 % compared to a 10 wt % MDEA aqueous solution without ionic liquid. They
found molar CO2 flux as 5.5x10-4 mol/m2s for LFR of 15 mL/min and 5.9x10-4 m2/s for
55 mL/min while humidified FGFR of 70 cm3/min for all two conditions. These values
are bigger than maximum value (5.13x10-4 gmol/ms) in the present study. The reason can
be attributed to the increase in the concentration of ionic liquid since it improves the
absorbing performance where the physical solubility of CO2 in the solution increases, and
thus, more CO2 can dissolve in the solution which finally can react chemically with the
amine solution.
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The overall VMTC for absorbent aMDEA with 80% concentration increased from 0.085 s-1
in case of maximum LFR (18.90 L/h), SHFR (100 cm3/min) and minimum humidified FGFR
(50 cm3/min) to 0.484 s-1 in case of LFR of 15.10 L/h, SHFR of 50 cm3/min and humidified
FGFR of 300 cm3/min. The maximum VMTC for 80 % absorbent concentration is more than
six times greater than the highest VMTC in a packed column, a conventional technique used
in gas separation (0.075 s-1) (Li et al., 2017, Reed et al., 1995). The maximum overall
volumetric gas phase-based MTC (Kogav) for the current study is 0.504 s-1 for pure aMDEA
absorbent in case of LFR of 15.10 L/h and SHFR of 50 cm3/min. The Kogav reported by Li
et al. (2017) using poly(ether ether ketone) (PEEK) HFMCs to capture CO2 from FG for
both 40 wt % aMDEA and 50 wt % aMDEA absorbents is 1.5 s-1. These comparisons are
provided in Table 4.48.
Table 4.48. Comparison of Kg av.

The data in Li et al. (2017) were obtained for larger cylindrical modules of 4 in and 8 in
diameter. The type of hollow fiber membrane module used here have been used in largerscale devices for a different separation process namely, membrane distillation. For example,
Song et al. (2008) used rectangular modules having designs similar to here with one module
having as much surface area as 0.67 m2; they had used a total of ten modules in their pilot
plant studies. Cylindrical modules have also been developed by Singh et al. (2018) with an
individual module having a surface area of 0.6 m2; such a module can be easily scaled up to
a diameter of 4 to 8 in.
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4.5.1. Performance Comparison of CO2 Concentration in the Treated Gas and the
Stripped Gas
In this work, the CO2 absorption performance in aMDEA absorbent have been
investigated in hollow fiber membrane contactor. Moreover, CO2 concentration in the
treated gas and stripped gas was evaluated in terms of operating conditions in which
humidified FGFR was in the range of 50-300 cm3/min and concentration of aMDEA
absorbent including 80 vol % and 90 vol % and pure aMDEA and also LFR was in the
range of 15.10 - 18.90 L/h as well as SHFR was changed between 50-100 cm3/min and
VSS 1 in. Hg (2.54 cm Hg) for stripping mode. CO2 concentration in the treated gas and
stripped gas was for all operating conditions listed above except of LFR of 16.60-18.90
L/h was illustrated in Figure 4.26.
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Figure 4.26. CO2 concentration in the absorber out and the stripper out in case of
absorbent concentration of 80 vol % aMDEA. (A) LFR of 15.10 L/h and
SHFR of 50 cm3/min, (B) LFR of 15.10 L/h and SHFR of 100 cm3/min, (C)
LFR of 16.60 L/h and SHFR of 50 cm3/min, (D) LFR of 16.60 L/h and
SHFR of 100 cm3/min, (E) LFR of 18.90 L/h and SHFR of 50 cm3/min, (F)
LFR of 18.90 L/h and SHFR of 100 cm3/min.
Figure 4.26 shows CO2 concentrations in treated gas and stripped gas with respect to
humidified FGFR for only 80 vol % absorbent concentration conditions. The outlet CO2
concentration in the treated gas showed an increasing trend with increasing FGFR due to
the decrease of the gas residence time in the module resulting in a higher rate of reactive
absorption (Mulukutla et al., 2014). The CO2 concentration in the treated outlet gas stream
for 80 % absorbent concentration varied from 0.40 % to 1.92 %. The maximum value was
observed for maximum FGFR (300 cm3/min), maximum LFR (18.90 L/h) and maximum
SHFR (100 cm3/min). CO2 concentrations in the stripped gas decreased with increasing
humidified FGFRs. Maximum CO2 concentration (6.2 %) in the stripped gas was
observed in case of minimum humidified FGFR (50 cm3/min), LFR (15.10 L/h) and
SHFR (50 cm3/min). CO2 concentrations in treated gas and stripped gas with respect to
humidified FGFR in the range of 50-300 cm3/min and SHFR was changed between 50100 cm3/min and also VSS 1 in. Hg (2.54 cm Hg) for stripping mode as well as aMDEA
concentration of 90 vol % and 100 vol % at LFR in range of 15.10-18.90 L/h are presented
in Figure 4.27 and Figure 4.28, respectively.
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Figure 4.27. CO2 concentration in the absorber out and the stripper out in case of
absorbent concentration of 90 vol % aMDEA.
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Figure 4.28. CO2 concentration in the absorber out and the stripper out in case of pure
aMDEA absorbent.
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Similar experiments were carried out for absorbent concentration of 90 vol % and pure,
while other experimental conditions remained constant. As expected, CO2 concentration
in the treated gas showed an increasing trend with increasing humidified FGFR in
contrary to CO2 concentration in the stripped gas. CO2 concentrations in the treated gas
was in order of 80 vol % > 90 vol % > pure (100 vol %) as a function of absorbent
concentration in case of maximum humidified FGFR, maximum LFR and maximum
SHFR for all experimental conditions.

4.6. Performance Comparison of Rate of CO2 Removal and CO2 Recovery
CO2 removal and recovery were evaluated in terms of operating conditions in which
humidified FGFR was in the range of 50-300 cm3/min and concentration of aMDEA
absorbent including 80 vol % and 90 vol % and pure aMDEA and also LFR was in the
range of 15.10 - 18.90 L/h as well as SHFR was changed between 50-100 cm3/min and
VSS 1 in. Hg (2.54 cm Hg) for stripping mode. CO2 removal and recovery for aMDEA
concentration of 80 vol % at LFR in range of 15.10-18.90 L/h, humidified FGFR in the
range of 50-300 cm3/min and SHFR changed between 50-100 cm3/min and also VSS 1
in. Hg (2.54 cm Hg). are illustrated in Figure 4.29.
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Figure 4.29. CO2 recovery and rate of CO2 removal in case of absorbent concentration of
80 vol % aMDEA. (A) LFR of 15.10 L/h and SHFR of 50 cm3/min, (B) LFR
of 15.10 L/h and SHFR of 100 cm3/min, (C) LFR of 16.60 L/h and SHFR
of 50 cm3/min, (D) LFR of 16.60 L/h and SHFR of 100 cm3/min, (E) LFR
of 18.90 L/h and SHFR of 50 cm3/min, (F) LFR of 18.90 L/h and SHFR of
100 cm3/min.
Figure 4.29 shows CO2 recovery and CO2 removal rate with respect to humidified FGFR
for only 80 vol % absorbent concentration conditions. Both CO2 recovery and CO2
removal rate decreased with the increasing humidified FGFR. Li and co-workers (2013)
found the same result indicating that the percentage of CO2 captured decreases with
increasing GFR (Li et al., 2013). By reducing FGFR, the extent of CO2 removal was
increased which is directly related to the amount of available CO2 in the feed gas stream
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(Mulukutla et al., 2014). The high CO2 removal at lower FGFRs could be explained on
the basis of longer gas residence time within the module and consequently higher rate of
absorption (Al- Marzouqi et al., 2009). As for CO2 recovery, Chen and co-workers found
the same result with result of this study related to the decrease in the CO2 recovery as a
function of increasing of humidified FGFR. It is due to fact that the retention time of gas
phase in membrane contactor is short at a high FGFR (Chen et al., 2010).
CO2 recovery and CO2 removal with respect to humidified FGFR in the range of 50-300
cm3/min and SHFR was changed between 50-100 cm3/min and also VSS 1 in. Hg (2.54
cm Hg) for stripping mode as well as aMDEA concentration of 90 vol % and 100 vol %
at LFR in range of 15.10-18.90 L/h are presented in Figure 4.30 and Figure 4.31,
respectively.
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Figure 4.30. CO2 recovery and rate of CO2 removal in case of absorbent concentration of
90 vol % aMDEA.

191

Figure 4.31. CO2 recovery and rate of CO2 removal in case of pure aMDEA absorbent.
The removal rate using chemical solvents is generally controlled by CO2 solubility in the
solution. When Figure 4.29, Figure 4.30 and Figure 4.31 are compared, the higher amine
concentration contributed to the higher the efficiency of CO2 removal as reported by AlMarzouqi and co-workers (2009).

4.7. Performance Comparison of Volumetric Mass Transfer Coefficient and CO2
Recovery
VMTC and CO2 recovery were evaluated in terms of operating conditions in which
humidified FGFR was in the range of 50-300 cm3/min and concentration of aMDEA
absorbent including 80 vol % and 90 vol % and pure aMDEA and also LFR was in the
range of 15.10 - 18.90 L/h as well as SHFR was changed between 50-100 cm3/min and
VSS 1 in. Hg (2.54 cm Hg) for stripping mode. VMTC and CO2 recovery for aMDEA
concentration of 80 % at LFR in range of 15.10-18.90 L/h, humidified FGFR in the range
of 50-300 cm3/min and SHFR was changed between 50-100 cm3/min and also VSS 1 in.
Hg (2.54 cm Hg) for stripping mode are illustrated in Figure 4.32.
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Figure 4.32. Volumetric mass transfer coefficient and CO2 recovery in case of absorbent
concentration of 80 vol % aMDEA. (A) LFR of 15.10 L/h and SHFR of 50
cm3/min, (B) LFR of 15.10 L/h and SHFR of 100 cm3/min, (C) LFR of 16.60
L/h and SHFR of 50 cm3/min, (D) LFR of 16.60 L/h and SHFR of 100
cm3/min, (E) LFR of 18.90 L/h and SHFR of 50 cm3/min, (F) LFR of 18.90
L/h and SHFR of 100 cm3/min.
Figure 4.32 shows VMTC and CO2 recovery trends with respect to increasing humidified
FGFR for all LFRs, two stripping modes and only 80 vol % absorbent solution
concentration. It is obvious that CO2 recovery decreased with increasing GFR as similar
to the study performed by Chen et al., 2010. This is because that the retention time of gas
phase in membrane contactor is short at a high GFR. Another reason can be attributed to
inadequate regeneration time and regeneration ability indicating that the rich liquid of
absorption solution can not release all CO2 absorbed in the absorber module (Zhang et
al., 2009). Moreover, Figure 4.32 depicts an increase in VMTC with an increase in the
FGFR for all conditions performed in the study. VMTC increased from 0.085 s-1 in case
of maximum LFR (18.90 L/h), SHFR (100 cm3/min) and minimum FGFR (50 cm3/min)
to 0.484 s-1 in case of LFR of 15.10 L/h, SHFR of 50 cm3/min and FGFR of 300 cm3/min.
The maximum VMTC for 80 vol % absorbent concentration is more than six times greater
than the highest VMTC of a packed column being a conventional technique used in the
gas separation (0.075 s-1) (Li et al., 2013; Reed et al., 1995).
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VMTC and CO2 recovery for aMDEA concentration of 90 vol % at LFR in range of
15.10-18.90 L/h, humidified FGFR in the range of 50-300 cm3/min and SHFR was
changed between 50-100 cm3/min and also VSS 1 in. Hg (2.54 cm Hg) for stripping mode
are illustrated in Figure 4.33.
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Figure 4.33. Volumetric mass transfer coefficient and CO2 recovery in case of absorbent
concentration of 90 vol % aMDEA.
As expected, CO2 recovery decreased with increasing FGFR due to the increase in the
amount of CO2 absorbed, while VMTC showed an increase in case of absorbent
concentration of 90 vol %. Moreover, the increase in the absorbent concentration resulted
in high VMTC values.
VMTC and CO2 recovery for pure aMDEA concentration at LFR in range of 15.10-18.90
L/h, humidified FGFR in the range of 50-300 cm3/min and SHFR was changed between
50-100 cm3/min and also VSS 1 in. Hg (2.54 cm Hg) for stripping mode are illustrated in
Figure 4.34.
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Figure 4.34. Volumetric mass transfer coefficient and CO2 recovery in case of pure
aMDEA absorbent.
It is clear that VMTC and CO2 recovery as a function of absorbent concentration was in
order of pure > 90 vol % > 80 vol % under same operating condition, while they have an
opposite relationship in terms of FGFR as shown in Figure 4.32, Figure 4.33 and Figure
4.34.

4.8. Performance Comparison of Overall Mass Transfer Coefficient as A Function
of Humidified Feed Gas Flow Rate
Overall MTC was evaluated in terms of operating conditions in which humidified FGFR
was in the range of 50-300 cm3/min and concentration of aMDEA absorbent including 80
vol % and 90 vol % and pure aMDEA and also LFR was in the range of 15.10 - 18.90 L/h
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as well as SHFR was changed between 50-100 cm3/min and VSS 1 in. Hg (2.54 cm Hg)
for stripping mode as shown in Figure 4.35.

198

Figure 4.35. Overall mass transfer coefficient as a function of humidified FGFR in case
of three different absorbent concentrations.
As shown in Figure 4.35, overall MTC increased with increasing humidified FGFR for
all operating conditions studied. However, only Figure (B) and (E), overall MTC
remained constant after humidified FGFR of 250 cm3/min while gas velocity increased.
Lin et al. (2009) have investigated the CO2 absorption in PVDF and PP membrane
contactor using mixed absorbent including 2-amino-2-methyl-1-propanol (AMP) +
piperazine (PZ) and methyldiethanolamine (MDEA) + piperazine (PZ). They also found
the similar behavior that overall MTC increased with an increase of FGFR (Lin et al.,
2009). Moreover, Cao et al., 2017 observed the same trend in which the presence of high
LFR provided high overall MTC. The main reason of the increase of overall MTC
depending on gas flow rate was attributed to the enhancement of driving force, which can
improve the mass transfer performance for CO2 absorption in amine solutions (Cao et al.,
2017). In addition to the effect of humidified FGFR on the overall MTC, the increase in
the absorbent concentration triggered to the increase of overall MTC.

4.9. Performance Comparison of Overall Mass Transfer Coefficient as A Function
of Liquid Flow Rate
Overall mass transfer coefficient as a function of LFR and humidified FGFR was
evaluated in terms of operating conditions in which humidified FGFR was in the range
of 50-300 cm3/min and concentration of aMDEA absorbent including 80 vol % and 90
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vol % and pure aMDEA and also LFR was in the range of 15.10 - 18.90 L/h as well as
SHFR was changed between 50-100 cm3/min and VSS 1 in. Hg (2.54 cm Hg) for stripping
mode as shown in Figure 4.36.
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Figure 4.36. Overall mass transfer coefficient as a function of liquid flow rate. (A) LFR
of 15.10 L/h and SHFR of 50 cm3/min, (B) LFR of 15.10 L/h and SHFR of
100 cm3/min, (C) LFR of 16.60 L/h and SHFR of 50 cm3/min, (D) LFR of
16.60 L/h and SHFR of 100 cm3/min, (E) LFR of 18.90 L/h and SHFR of
50 cm3/min, (F) LFR of 18.90 L/h and SHFR of 100 cm3/min.
In accordance with Figure 4.36, overall MTC values showed a decreasing trend with
increasing LFR contrary to many studies in the literature in which the increase of LFR
decreases the liquid phase MTR and so more amine molecules can be diffused to and
reacted with CO2 at the gas/liquid contacting interface bringing about greater overall
MTC values (Lin et al., 2009; Rongwong et al., 2009; Chen et al., 2011; Ozturk and
Hughes, 2012; Cui and DeMontigny, 2017). However, Zhang and co-workers (2009)
investigated CO2 removal from FG using PP HFMCs and aqueous solutions of potassium
glycinate as an absorbent under several operating conditions, such as LFR, liquid
concentration. They found that an increase in LFR causes a decrease profile in overall
MTC because of the stay time of absorption solution in membrane contactor. This time
decreased when LFR increased leading to longer reaction time of absorption solution
(Zhang et al., 2009). Furthermore, Cao and co-workers (2017) investigated the overall
MTC for CO2 absorption into aqueous amine solutions including MEA, MDEA and
diethylethanolamines (DEEA) in HFMC under various operating conditions, such as
amine types, liquid velocity and gas velocity. They concluded that the overall MTC
showed slowly an increase with increasing the liquid velocity. This was attributed to MTR
in gas phase that has a vital importance on overall MTC in contrast to MTR in liquid
phase (Cao et al., 2017). Another reason for opposite relationship between LFR and
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overall MTC can be attributed to a fast pseudo first order reaction between CO2 and
amines where mass transfer is not related to the liquid film thickness, but the CO2 flux is
influenced by the gas film thickness (Mulukutla et al., 2014).

4.10. Performance Comparison of Molar CO2 Flux as A Function of Liquid Flow
Rate

Molar CO2 flux as a function of LFR and humidified FGFR was evaluated in terms of
operating conditions in which humidified FGFR was in the range of 50-300 cm3/min and
concentration of aMDEA absorbent including 80 vol % and 90 vol % and pure aMDEA
and also LFR was in the range of 15.10 - 18.90 L/h as well as SHFRwas changed between
50-100 cm3/min and VSS 1 in. Hg (2.54 cm Hg) for stripping mode as shown in Figure
4.37.
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Figure 4.37. Molar CO2 flux as a function of liquid flow rate. (A) LFR of 15.10 L/h and
SHFR of 50 cm3/min, (B) LFR of 15.10 L/h and SHFR of 100 cm3/min, (C)
LFR of 16.60 L/h and SHFR of 50 cm3/min, (D) LFR of 16.60 L/h and
SHFR of 100 cm3/min, (E) LFR of 18.90 L/h and SHFR of 50 cm3/min, (F)
LFR of 18.90 L/h and SHFR of 100 cm3/min.
LFR is perhaps the most important operating variable in the membrane gas-liquid
contactors because in general it has an obvious influence on MTR and absorption solution
loading (Zhang et al., 2009). Figure 4.37 shows the experimental results of CO2 flux as a
function of LFR on the shell side of the module. As it can be seen, the increase in LFR
under all operating conditions including three different absorbent concentrations and two
different stripping modes resulted in a very low decrease in molar CO2 flux. According
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to the experimental results, it can be said that the increase of LFR does not have a
significant effect on the molar CO2 flux. However, studies in the literature generally
showed that the higher LFR was, the higher molar CO2 flux was (Lin et al., 2008; Khaisri
et al., 2009; Mansourizadeh et al. 2011; Mansourizadeh et al. 2016; Rostami et al., 2018).
This result was attributed to the following two general approaches: i) the decrease in the
main MTR in the liquid phase, where an increase in LFR can decrease both liquid
boundary layer thickness and the resistance of stagnant-layer diffusion under laminar
flow and so CO2 flux can enhance (Lin et al., 2008; Mansourizadeh et al. 2011;
Mansourizadeh et al. 2016; Rostami et al., 2018) and ii) by increasing LFR the liquid
velocity in fibers increases and the new solution replaces faster which lead to increase the
concentration of CO2 between liquid and gas phases and also availability of more free
amine leading to a higher reaction rate between CO2 and amine (Khaisri et al., 2009;
Rostami et al., 2018).
FGFR is another variable that can affect the absorption flux. As shown in Figure 4.37, it
was observed that molar CO2 flux increased with increasing FGFR as similar to the
previous studies (Lin et al., 2008; Chen et al., 2010; Li et al., 2013). This can be related
to higher amount of gas passing through the fiber of HFMC, resulting in the increase of
mass transfer flux (Rostami et al., 2018).

4.11. Performance Comparison of Overall Mass Transfer Coefficient as A
Function of Absorbent Concentration
Overall MTC as a function of absorbent concentration was evaluated in terms of operating
conditions in which humidified FGFR was in the range of 50-300 cm3/min and
concentration of aMDEA absorbent including 80 vol % and 90 vol % and pure aMDEA
and also LFR was in the range of 15.10 - 18.90 L/h as well as SHFR was changed between
50-100 cm3/min and VSS 1 in. Hg (2.54 cm Hg) for stripping mode as shown in Figure
4.38.
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Figure 4.38. Overall MTC as a function of absorbent solution concentration. (A) LFR of
15.10 L/h and SHFR of 50 cm3/min, (B) LFR of 15.10 L/h and SHFR of 100
cm3/min, (C) LFR of 16.60 L/h and SHFR of 50 cm3/min, (D) LFR of 16.60
L/h and SHFR of 100 cm3/min, (E) LFR of 18.90 L/h and SHFR of 50
cm3/min, (F) LFR of 18.90 L/h and SHFR of 100 cm3/min.
As shown in Figure 4.38, overall MTC through the membrane increases as aMDEA
concentration increases from 80 % to 100%. Due to an increase in absorbent
concentration, high amount of reactive amine molecules diffuses to the gas/liquid
contacting interface resulting in an increase in the chemical activity between CO2 and
amines (Rongwong et al., 2009; Cao et al., 2017). Similar observations related to
relationship between overall MTC and absorbent concentration were reported in literature
(Rongwong et al., 2009; Cao et al., 2017).

4.12.

Surface Tensions of Aqueous Absorbent Used in the Study

Since the surface tension of the absorbent liquid has an impact on the wetting, the surface
tensions of aqueous absorbents used in the study were measured by an Interfacial
Tensiometer. Surface tension of the aqueous MDEA absorbent of 80 vol % and aqueous
activated MDEA (aMDEA) absorbent of 80 vol % at 45-50 0C are 51 dynes/cm and 48
dynes/cm. According to these results, these two absorbent solutions will not approach the
critical surface tension of PP (!" = 29

&'()*
"+

). Therefore, these solutions did not wet the

pores of hollow fibers for continuous runs until 7-8 h. The reason for wetting of
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membrane pores with a nonvolatile absorbent is that surface tension of the absorbent
solution is lower than critical surface tension of the hollow fiber polymer. Here the surface
tension of the aqueous absorbents is much larger than the critical surface tension of the
PP polymer; so there is no possibility for wetting of membrane pore.

4.13. Calculation of CO2 Absorption Parameters
CO2 absorption parameters calculated in accordance with equations presented in Chapter
3 are illustrated in Table 4.49. Moreover, calculations of these parameters are presented
in Appendix A.
Table 4.49. Parameters for CO2 absorption.
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The sherwood number meaing that MTC in order to transport a fluid having a movement
to a swarm of spherical particles can be calculated in case of high porosities (Coutelieris
et al., 2002). In this study, Sherwood number showed a similar property with results
presented by Bhaumik et al., (1998). This study used a liquid flow regime characterized
by low Re (in the range of 0 to 1). When Henry’s Law Constant are compared with the
preivous studies, the value showed a relatively close to that (0.800) obtained the study
performed by Kosaraju, (2002) who investigated absorption of CO2 by using HFMCs
including PP and poly(4-methylpentene-1) with aqueous solutions of MEA and PAMAM
dendrimer of generation zero.

4.14.

Statistical Analyses of Experimental Parameters

In the present study, overall MTC, VMTC and molar CO2 flux values for three different
absorbent concentrations, six different humidified FGFR and three different LFRs are
statistically tested by analyses of one-way ANOVA and Box-Whisker plots in 95 %
confidence interval. In statistical analyses, variable is overall MTC, VMTC or molar CO2
flux, while factor is absorbent concentration. In accordance with analysis of variance table
produced by Statgraphics for the data including the assessment of gas phase based overall
MTC for different absorbent concentration in different FGFRs and LFRs when SHFR of
50 cm3/min, F-ratio and P-value are presented in Table 4.50.
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Table 4.50. Mean values of gas phase based overall MTC with a SHFR of 50 cm3/min*.

*Humidified feed gas flow rate at 50-300 cm3/min; LFR at 15.10-18.90 L/h; aMDEA
absorbent in concentration of 80 % and 90 % and pure aMDEA; VSS 1 in. Hg (2.54 cm
Hg).
As seen in Table 4.50, F-ratio is highly significant and there is a statistically significant
difference between the mean of overall MTC values for aMDEA absorbent in
concentration of 80 % and 90 % and pure in case of three different LFRs and six different
FGFRs since the P-value of F-test is less than 0.05. Moreover, average of overall MTC
values in accordance with all of absorbent concentration showed the maximum level for
humidified FGFR of 300 cm3/min and LFR in the range of 16.60L/h and 18.90 L/h, while
in case of LFR of 15.10 L/h showed the maximum average value for humidified FGFR
of 250 cm3/min. In accordance with multiple range test, the difference among the averages
was found in humidified FGFR of 50 cm3/min for all LFRs.
The box-and-whisker plots are used to show the distribution of data, display symmetry
and demonstrate potential outliers (Li et al., 2012). The distribution of gas phase based
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overall MTC for humidified FGFRs at 50-300 cm3/min and all aMDEA concentration (80
vol %, 90 vol % and pure) at 15.10-18.90 L/h LFR in case of SHFR of 50 cm3/min and
VSS 1 in. Hg (2.54 cm Hg) for stripping mode is demonstrated in Figure 4.39. Vertical
axis of Figure 4.39 shows humidified FGFRs in the range of 50-300 cm3/min.
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Figure 4.39. Distribution of gas phase based overall MTC in case of SHFR of 50 cm3/min.
(A) LFRof 15.10 L/h, (B) LFR of 16.60 L/h, (C) LFR of 18.90 L/h.
When the distribution of overall MTC values is compared in terms of LFR and humidified
FGFR, humidified FGFR of 300 cm3/min showed the largest distribution for three
aMDEA absorbent concentration in case of LFR of 15.10 L/h. The gas phase based
overall MTC values were evaluated in terms of statistical analyses in Table 4.51 for the
same operating conditions with Table 4.50 except for SHFR of 100 cm3/min.

210

Table 4.51. Mean values of gas phase based overall MTC with a SHFR of 100 cm3/min*.

*Humidified FGFR at 50-300 cm3/min; LFR at 15.10-18.90 L/h; aMDEA absorbent in
concentration of 80 % and 90 % and pure aMDEA; VSS 1 in. Hg (2.54 cm Hg).
In accordance with Table 4.51, the P-value of F-test is less than 0.05, there is a statistically
significant difference between the mean of overall MTC values for aMDEA absorbent in
concentration of 80 %, 90 % and pure in case of three different LFRs and six different
FGFRs and also SHFR of 100 cm3/min. Moreover, average of overall MTC values in
accordance with all of absorbent concentration showed the maximum level (2.19x10-4
m/s) for humidified FGFR of 300 cm3/min and LFR of 15.10 L/h. In accordance with
multiple range test, the difference among the averages was found in humidified FGFR of
50 cm3/min for both LFR 15.10 L/h and 18.90 L/h, while the difference was observed in
humidified FGFR of 300 cm3/min for LFR of 16.60 L/h 300 cm3/min. Figure 4.40 shows
the distribution of overall MTC values for the same of operating conditions in Figure 4.39
except of SHFR of 100 cm3/min.
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Figure 4.40. Distribution of gas phase based overall MTC in case SHFR of 100 cm3/min.
(A) LFRof 15.10 L/h, (B) LFR of 16.60 L/h, (C) LFR of 18.90 L/h.
In accordance with Figure 4.40, the distribution of overall MTC for LFR of 16.60 L/h and
humidified FGFRof 100 cm3/min showed significant difference compared to other
operating conditions. Moreover, the distribution of gas phase based overall MTC showed
the similarity with SHFRof 50 cm3/min for LFR of 15.10 and 18.90 L/h. The results of
statistical analyses related to VMTC for different absorbent concentration in different
humidified FGFR and LFRs when SHFR of 50 cm3/min are presented in Table 4.52.

212

Table 4.52. Mean values of VMT coefficient with a SHFR of 50 cm3/min*.

*Humidified FGFR at 50-300 cm3/min; absorbent LFR at 15.10-18.90 L/h; aMDEA
absorbent in concentration of 80 % and 90 % and pure aMDEA; VSS 1 in. Hg (2.54 cm
Hg).
In Table 4.52, the P-values of one-way ANOVA test indicate a statistically significant
difference between the mean of VMTC values for aMDEA absorbent in concentration of
80 % and 90 % and pure in case of three different LFRs and six different GFRs. Moreover,
average of VMTC values in accordance with all of absorbent concentration showed the
maximum level when humidified FGFR was 300 cm3/min for all LFRs. In accordance
with multiple range test, the LFRs. The box-and-whisker plots of VMTC for humidified
FGFRs at 50-300 cm3/min and all absorbent concentrations at 15.10-18.90 L/h LFR in
case of SHFR of 50 cm3/min is demonstrated in Figure 4.41.
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Figure 4.41. Distribution of VMTC in case of SHFR of 50 cm3/min. (A) LFR of 15.10
L/h, (B) LFR of 16.60 L/h, (C) LFR of 18.90 L/h.
In accordance with Figure 4.41, remarkable difference among the the distribution of
VMTC occurred at LFR of 15.10 L/h and humidified FGFR of 250 cm3/min. In addition
to statistical analyses of VMTC presented in Table 4.52, statistical results with regard to
SHFR of 100 cm3/min are demonstrated in Table 4.53.
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Table 4.53. Mean values of VMTC with a SHFR of 100 cm3/min*.

*Humidified FGFR at 50-300 cm3/min; absorbent LFR at 15.10-18.90 L/h; aMDEA
absorbent in concentration of 80 % and 90 % and pure aMDEA; VSS is 1 in. Hg (2.54
cm Hg).
In Table 4.53, the P-values of one-way ANOVA test showed the same results indicating
a statistically significant difference between the mean of VMTC values for all aMDEA
absorbent concentration, LFRs and FGFRs with those in Table 4.52. It can be easily seen
from Table 4.53 that the average of VMTC values with respect to the concentration of the
solvent exhibited the maximum level (0.461, 0.457 and 0.434 m/s for LFRs of 15.10,
16.60 and 18.90 L/h, respectively) when humidified FGFR of 300 cm3/min. When SHFR
was 50 cm3/min and all other conditions remained constant, the average of VMTC values
were slightly high by looking at Table 4.52 and Table 4.53. In accordance with multiple
range test, the difference among the averages was found in humidified FGFR of 50
cm3/min for all LFRs (Table 4.53).
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The box-and-whisker plots of VMTC for humidified FGFR at 50-300 cm3/min and all
absorbent concentrations at LFRs in the range of 15.10 and 18.90 L/h in case of SHFR of
100 cm3/min is presented in Figure 4.42.
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Figure 4.42. Distribution of VMTC in case of SHFR of 100 cm3/min. (A) LFR of 15.10
L/h, (B) LFR of 16.60 L/h, (C) LFR of 18.90 L/h.
In accordance with Figure 4.42, the LFR of 15.10 and 16.60 L/h, respectively. When
Figure 4.42 (C) was evaluated, the similar distribution was observed for different
operating conditions, such as humidified FGFR in the range of 150-250 cm3/min.
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In addition to statistical analyses of overall MTC and VMTC values, this study includes
the evaluation of molar CO2 flux values, statistically. In this context, Table 4.54 presents
mean values of molar CO2 flux in terms of all concentrations of the solvent at LFR in the
range of 15.10 and 18.90 L/h and at humidified FGFR in the range of 50 and 300 cm3/min
when SHFR is 50 cm3/min and VSS is 1 in. Hg (2.54 cm Hg).
Table 4.54. Mean values of molar CO2 with a SHFR of 50 cm3/min*.

*Humidified FGFRat 50-300 cm3/min; LFR at 15.10-18.90 L/h; aMDEA absorbent in
concentration of 80 % and 90 % and pure aMDEA; VSS 1 in. Hg (2.54 cm Hg).
According to Table 4.54, the P-values of one-way ANOVA test indicate a statistically
significant difference between the mean of molar CO2 flux values for aMDEA absorbent
in concentration of 80 % and 90 % and pure under all operating conditions. As for the
average of molar CO2 flux values, the maximum results are 0.000511, 0.000507 and
0.000500 gmol/m2s for LFRs of 15.10, 16.60 and 18.90 L/h, respectively when
humidified FGFR of 300 cm3/min. In accordance with multiple range test, the difference
among the averages was found in humidified FGFR of 50 cm3/min for all LFRs (Table
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4.54). The box-and-whisker plots of molar CO2 flux for humidified FGFRs in the range
of 50-300 cm3/min and all absorbent concentrations at 15.10-18.90 L/h LFR in case of
SHFR of 50 cm3/min is demonstrated in Figure 4.43.
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Figure 4.43. Distribution of molar CO2 flux in case of SHFR of 50 cm3/min. (A) LFR of
15.10 L/h, (B) LFR of 16.60 L/h, (C) LFR of 18.90 L/h.
As seen in Figure 4.43, the distribution of molar CO2 flux for all concentrations of the
solvent under all operating conditions was so close to each other. Hence, the different
concentrations (80 %, 90 % and 100 %) of the absorbent liquid can not be decisive factor
in terms of molar CO2 flux. In addition to statistical analyses of molar CO2 flux including
all absorbent concentrations and all operating conditions under SHFR of 50 cm3/min,
statistical results with regard to SHFR of 100 cm3/min when other conditions remain
constant are presented in Table 4.55.
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Table 4.55. Mean values of molar CO2 with a SHFR of 100 cm3/min*.

*Humidified feed gas flow rate at 50-300 cm3/min; absorbent liquid flow rate at 15.1018.90 L/h; aMDEA absorbent in concentration of 80 % and 90 % and pure aMDEA;
vacuum on sweep side is 1 in. Hg (2.54 cm Hg).
In accordance with Table 4.55, the less P-value stands for statistically significant
difference between the mean of molar CO2 flux values for all concentrations of aMDEA
absorbent under all operating conditions studied in the present work in case of SHFR of
100 cm3/min. Furthermore, the average of molar CO2 flux in terms of the concentration
of the solvent demonstrated the maximum level as 0.000501, 0.000500 and 0.000399
gmol/m2s for LFRs of 15.10, 16.60 and 18.90 L/h, respectively when humidified FGFR
of 300 cm3/min. The average of molar CO2 flux showed the same value (0.000500
gmol/m2s) for SHFR of 50 and 100 cm3/min in LFR of 16.60 and 18.90 L/h, respectively
in case of humidified FGFR of 300 cm3/min. In accordance with multiple range test, the
difference among the averages was found in humidified FGFR of 50 cm3/min for LFRs
of 15.10 and 16.60 L/h, while LFR of 18.90 L/h showed relatively difference for
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humidified FGFR of 50 cm3/min amongst the others (Table 4.55). The box-and-whisker
plots of molar CO2 flux for humidified FGFRs at 50-300 cm3/min and all absorbent
concentrations at liquiLFRs in the range of 15.10 and 18.90 L/h in case of SHFR of 100
cm3/min is presented in Figure 4.44.
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Figure 4.44. Distribution of molar CO2 flux in case of SHFR of 100 cm3/min. (A) LFR of
15.10 L/h, (B) LFR of 16.60 L/h, (C) LFR of 18.90 L/h.
It can be easily said that the distribution of molar CO2 flux for all concentrations of the
solvent under operating conditions including LFR of 15.10 and 16.60 L/h and humidified
FGFR in the range of 50 – 300 cm3/min showed very close distribution to each other,
while it exhibited the largest distribution in the study for LFR of 18.90 L/h when other
operating conditions remain constant.
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4.15. Economical Evaluation of the System by Means of an Estimation of the
Energy Used for CO2 Absorption-Stripping
As for economical evaluation part, energy used for CO2 absorption-stripping is
considered as a factor affecting the cost of the system. To calculate the energy consumed
by the system, equations and values presented in Chapter 3 were benefitted.
The heat capacity at 298 K for 80 vol %, 90 vol %, and pure aMDEA were calculated by
using Eqn. 3.15 as 260.68 J/mole.K in other units it can be expressed as 2.19 kJ/kg.K.
The heat of absorption for aMDEA in concentration of 80 vol %, 90 vol % and pure was
calculated in accordance with Eqn. 3.14 where wB stands for mass fraction of aMDEA.
The minimum and maximum values of the heat of absorption for 80 %, 90 % and pure
aMDEA absorbent were found as -1249 and -564.1, -969.4 and -558.9, -917.5 and -579.1
KJ/kg CO2, respectively. As mentioned before, the absorption and the stripping
temperatures were 46.6 and 102.4 0C for 80 vol % aMDEA absorbent and 44.6 and 92.7
0

C for 90 vol % aMDEA and pure aMDEA absorbent, respectively. Thus, difference

between temperatures in absorption and stripping will be 328.8 K for 80 vol % aMDEA
absorbent and 321.1 K for both 90 vol % aMDEA and pure aMDEA solvent. To know
the energy needed by the system, mass of solvent presented in Table 4.56 has to be
calculated in accordance with Eqn. 3.8. Table 4.56 shows the parameters for energy usage
in this work.
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Table 4.56. Energy usage for CO2 absorption in aqueous aMDEA*.

*The symbol 80%-LFR-15.10-He-50 stands for absorbent concentration of 80 vol %;
LFRof 15 L/h; SHFR of 50 cm3/min.
In accordance with Table 4.56, the energy needed for different concentrations of aMDEA
changed between 1.28 x 106 kJ/kg CO2 – 4.52 x 106 kJ/kg CO2. A comparative evaluation
of energy demand for membrane contactors studied with different solvents including
ionic liquid and tertiary amine is presented in Table 4.57.
Among various cost elements responsible for the high energy consumption in CO2
absorption-stripping processes, stripping is highly energy intensive. In MEA-based
processes, stripping conditions are around 110-120 oC at~ 2 atm (Rochelle, 2009). In this
study, we have shown that at around 90 oC, we can get considerable stripping using pure
aMDEA as absorbent. This has a number of beneficial features in terms of thermal input
reduction such as reduced absorbent mass to be heated, no thermal energy to be spent in
evaporating free water added to start with.
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Table 4.57. Energy usage comparison between [bmim][DCA] and aMDEA.

When the results of the present study are compared with the previous study performed by Mulukutla et al., 2014 in terms of energy consumption,
aMDEA absorbent concentration of 90 vol % showed the closest result in case of LFR of 15.10 and SHFR of 50 cm3/min to energy consumption
of [bmim][DCA]. Moreover, study by Mulukutla et al., 2014 showed 64 % less energy usage compared to energy consumption of 80 vol % of
aMDEA in case of LFR of 18.90 L/h and SHFR of 100 cm3/min.
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Fossil fuel combustion power plants release remarkable amounts of CO2 emissions almost
12 billion tonnes CO2 per year into the atmosphere (Cebrucan et al, 2014). This amount is
related to the type of fuel employed in the plant, size of the plant and type of power
generation technology. For example, a lignite-fired power plant with a capacity of 500 MW
generates approximately 455 tonnes of CO2 per hour (almost 910 kg CO2/MWh), while a
coal-fired power plant with the same capacity and efficiency produces 426 tonnes of CO2
per hour (almost 850 kgCO2/MWh) (Cebrucean et al., 2014). In this context, CO2 capture
technologies plays a major role on the reduction of these emissions resulting from power
plants. Table 4.58 presents the current list of planned large scale projects related to CO2
capture technologies.
Table 4.58. List of large scale CCS demonstration projects (Cebrucean, 2014).

Separtion of CO2 from coal-fired flue gas and its compression to 150 bar require 0.11
megawatt-hours per metric ton of CO2 (396 kJ/kgCO2) in case of amine scrubbing process
in which absorption occurs at 40-50 0C and then the regeneration of amine by stripping needs
high temperature in the range of 100-120 0C (Rochelle, 2009; Zhao et al., 2016). In this
study, absorption temperature ranges are close to that of the conventional system but
stripping temperature (90 0C for absorption of pure aMDEA) is slightly lower than amine
scrubbing process. When the amount of energy needed to remove CO2 of 1 kg via membrane
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contactors in this study is compared to conventional amine scrubbing systems, there is a
huge difference between them due to the fact that calculation of energy captured is based on
one cycle of the liquid absorbent, whereas this absorbent in this study can be used many
times. Thus, for a long-period membrane contactor can have superior property in terms of
energy efficiency.
As for the appliciability of this system, since the energy consumed to capture 1 tonne of CO2
is high and the absorbent used is expensive, further studies are needed for its use in the
industry (pilot-scale).
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5. CONCLUSIONS
In this work, CO2 capture from FG has been investigated using aqueous amine solutions
in porous hydrophobic PP HFMC which has a thin plasma polymerized hydrophobic
porous fluorosiloxane coating on the outer surface of fiber. The overall MTC, CO2
recovery, CO2 removal and molar CO2 flux were evaluated at different operating
conditions, including humidified FGFR, LFR, concentration of amine and stripping
method.
Experimental studies were carried out successfully to absorb CO2 from simulated wet
flue gas into pure organic absorbent of aMDEA in a HFMC at temperatures in the range
of 25-45oC. Other absorbents used were aqueous aMDEA solutions having 10% and 20%
water. Stripping of CO2 from the CO2-loaded absorbent was carried out at temperatures
~ 92oC in an almost identical membrane contactor functioning as a stripper with the help
of a sweep gas and vacuum.
The experimental results reveal that overall MTC through the membrane increases as
aMDEA concentration increases from 80 vol % to 100 vol %. Due to an increase in
absorbent concentration, high amount of reactive amine molecules diffuses to the
gas/liquid contacting interface so the chemical activity between CO2 and amines incrases.
In addition to that overall MTC increased with increasing FGFR and concentration of
amine, it showed a decreasing trend with increasing LFR because of the stay time of
absorption solution in membrane contactor. This time decreased when LFR increased.
The maximum 98.4 % of absorbed CO2 was recovered in case of absorbent concentration
of 90 % and in minimum gas, liquid and sweep gas flow rate conditions. This is since
inadequate regeneration time and regeneration ability indicating that CO2-loading
absorbent can not release all CO2 absorbed in the absorber module.
Moreover, the increase in liquid flow rate for all operating conditions brought about a
very low decrease in molar CO2 flux. This result can be attributed to two reason; one of
them is to the decrease in the main MTR in the liquid phase, where an increase in the
LFR can decrease both liquid boundary layer thickness and the resistance of stagnantlayer diffusion so CO2 flux can enhance and another cause is rise of liquid velocity in the
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fibers thanks to increasing the liquid flow rate and that the new solution replaces faster
which lead to increase the concentration of CO2 between liquid and gas phases and so
availability of more free amine leading to a higher reaction between CO2 and amine.

Evaluation of both CO2 recovery and CO2 removal rate in terms of humidified FGFR
presented a similar trend showing a decreasing trend with the increasing humidified
FGFR. The decrease in CO2 removal rate in terms of the increasing humidified FGFR can
be attributed to available CO2 in gas stream. The high CO2 removal rate at lower gas flow
rates can be explained with longer gas residence time within the module and so higher
rate of absorption. Moreover, the decrease in CO2 recovery rate related to the increasing
humidified gas flow rate is owing to two reasons that are the short the retention time of
gas phase in HFMC and also inadequate regeneration time and regeneration ability.

Moreover, the outlet CO2 concentration in treated and stripped gas stream in terms of
increasing FGFR showed increasing and decreasing trends for the former and the latter,
respectively. The increase in the treated gas is based on the higher rate of reactive
absorption because of drop in gas residence time.
Consequently, using pure aMDEA absorbent, we were able to absorb as much as 90%+
of CO2 from a feed gas flow rate of 300 cm3/min in a module having 509 cm2 membrane
surface area; other high aMDEA-containing aqueous absorbents achieved a similar rate
of CO2 absorption. However, the rate of CO2 stripping achieved was highest with pure
aMDEA absorbent; further, this rate was considerably higher than those achieved with
the other aqueous aMDEA-based absorbent solutions. This demonstrates that pure
aMDEA is a much better candidate for use as CO2 absorption solvent for the following
reasons: lower temperature of stripping which requires lower quality heat; absence of
excess water and consequent advantages in MDEA-based reverse reaction; drastic
reduction in the circulating absorbent flow rate from the usual 30-50% aqueous solution
of the reactive amine absorbent and therefore a substantial reduction in the amount of
energy used to heat up the CO2-loaded absorbent.
The volumetric overall MTC achieved with pure aMDEA during CO2 absorption was a
high value of 0.504 sec-1 for a module interfacial area per unit volume of 2100 m-1.
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Increased FGFR increased overall mass transfer coefficient. The stripping process at
lower temperatures used here was slower.
Statistical evaluation of the experimental results based on statistical analyses by means
of ANOVA test revealed that, there is a statistically significant difference between
parameters consisting of the overall MTC, VMTC and molar CO2 flux with respect to the
concentration of the liquid absorbent for all operating conditions.
Economical assessment of absorption and stripping processes by examining energy
consumption showed a relatively high trend in accordance with the previous study that
used the same absorption and stripping membrane contactors and different liquid
absorbent performed by Mulukutla and co-workers in 2014. This can be attributed to high
absorbent concentration resulting in high consumption of the solvent.

Referring to the main purpose of the study indicated that ideal conditions to obtain high
overall MTC can be cited as high FGFR, high absorbent concentration, low LFR and low
SHFR. Moreover, to obtain better regeneration of the solvent and higher recovery of the
CO2, lower SHFR should be applied.
Matching of absorption and stripping rates requires that the stripper surface area is
increased. Exploration of pressurized mode of stripping to eliminate the use of vacuum
and sweep gas and enhance stripping is suggested. Here, we had used a small sweep gas
flow rate as well as vacuum in the combo mode on the permeate side of the stripper. We
need to explore whether pressurizing the feed solution on one side of the membrane
stripper with somewhat smaller membrane pore size will achieve adequate stripping with
appropriate allowance for higher membrane area than that in the membrane absorber.
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APPENDIX A
Calculation of Parameters of CO2 Absorption Process
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Calculation of Parameters of CO2 Absorption
For the case with 80 vol % aMDEA:
Feed gas flow rate (FGFR, Qg): 50 cm3/min
Liquid flow rate (LFR): 4.0 gal/h=15.10 L/h= 4.19x10-6 m3/s
Outlet gas flow rate at vacuum pump (VGFR): 92.20 cm3/min
Sweep He gas flow rate: 50 cm3/min
Feed in (CO2%): 14.1
Feed out (CO2%): 0.40
Feed gas temperature: 25 0C
Vacuum= 1 in. Hg
Temperature for absorption: 44.6 0C
Temperature for stripping: 92.7 0C
Gas Temperature: 298 K
Total Pressure (Pt): 1 atm
Gas Constant: 82.05 cm3.atm/K.gmol = 8.3 J/mol.K
Membrane Area
!×#×2×%×& = 1064×6.35 /0 ×2×3.14× 0.024 2 /0 = 509/02
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Calculation of Rate of CO2 Absorption
78
345
= 0.14 0:#; <&=/>?:! :< @A2 ?! <;;B <#C; D=E
6
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345
= 0.0040 0:#; <&=/>?:! :< @A2 ?! <;;B <#C; D=E
6

78
FGH
IJE:&J;B @A2 = KLKM× 345
− 345
6
6

O
O
IJE:&J;B @A2 = 50 /0 0?! × 0.14 − 0.0040 = 6.85 /0 0?!

Calculation of Rate of CO2 Removal
3456 ,RHS7TTUV = 0.062 0:#; <&=/>?:! :< @A2 ?! E>&?WW;B D=E
X>&?WW;B @A2 = YLKM× 3456 ,RHS7TTUV
O
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Calculation of CO2 Recovery
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= 0.84
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Calculation of Molar CO2 Flux
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I
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=

=

W456

Mb

78
345
×cH
6

Mb

= 0.14×1=>0

(82.05

def .gHe
h._eFi

×298j)

= 5.72×10kl D0:#/0O

Concentration of CO2 out

=

=

W456

Mb

FGH
345
×cH
6

Mb

= 0.0040×1=>0

(82.05

def .gHe
h._eFi

×298j)

= 1.64×10kn D0:#/0O
Molar Flux
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Calculation of overall gas-phase based mass transfer coefficient (Kog=Kg)
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Calculation of volumetric mass transfer coefficient (Kgav)
Effective membrane surface area based on fiber inner diameter:
!×#×2×%×& = 1064×6.35 /0 ×2×3.14× 0.024 2 /0 = 509/02 ≅ 500 /02
Unit volume:
Fiber bed dimensions (cm) = 6.35 x 2.54 x 1.9
Unit volume ≅ 30.64 /02
2
2
Interfacial area (av, m2/m3) = 0.050 0.000030640O ≅ 2102 0 0O

Interfacial area (av) = 2102.5 m2/m3

ko

j_ =é = 5.82×10

0
02
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= 0.122E kv
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Calculation of gas-phase Reynolds number (Re)
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Calculation of gas-phase Sherwood (Sh) number
Xℎ = 0.57×M; p.Ov ×X/ p.OO
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Calculation of mean free path (ó)
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Calculation of Knudsen diffusion coefficient
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Diffusion coefficient of CO2 in aqueous MDEA solution blended with piperazine
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Calculation of membrane mass transfer coefficient
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Calculation of shell-side liquid velocity (VS)
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Calculation of liquid phase Reynolds Number
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/0O at 298 K
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Calculation of liquid phase Sherwood Number
Xℎ = 0.57×M; p.Ov ×X/ p.OO
Xℎ = 0.57× 0.420
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Calculation of liquid phase mass transfer coefficient
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APPENDIX B
Calculation of Henry’s Law Constant for the Aqueous Solution of aMDEA-CO2
System
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The N2O analogy (the ratio of the solubility of CO2 and N2O remains constant for various
solutions) was used to calculate the solubility of CO2 in an aqueous solution of MDEA.
The ratio of the solubility of NO2 and CO2 is constant for aqueous solutions MDEA
(Versteeg and Swaaij, 1988; Kosaraju, 2002).
"#$%&'$'() #* +,- = +. ×"#$%&'$'() #* 0- ,

(B1)

where C1 is the constant and is equal to 1.36 at 298 K.
The solubility of N2O in aqueous MDEA solution is a function of amine concentration
and at 298 K, it is given by the following equation:
"#$%&'$'() #* 0- , = 0.493 − 0.022×10:; <='>?

(B2)

where <='>? is the amine concentration in mol/m3.
Aqueous solutions of 80 vol %, 90 vol % and 100 vol % (pure) of aMDEA were used in
the experiment as mentioned before. Hence,
moles of aMDEA that will be present in 1000 cm3 of 80 vol % of aMDEA solution:
800×A?>B'()

800×1.0218
119.16 = 6.86 =#$
=#$?C%$<D E?'Fℎ( =

Each molecule has one tertiary amine. So, moles of tertiary amine present in 1000 cm3 of
80 vol % solution = 6.86 moles.
Concentration of tertiary amine in 80 vol % = 6890 gmol/m3
By substituting of the value of amine concentration in Eqn. (B2), we can can calculate
solubility of N2O
"#$%&'$'() #* 0- , = 0.493 − 0.022×10:; 6890 = 0.342
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"#$%&'$'() #* +,- (J) = 1.36 × 0.342 = 0.465
For aqueous solutions of 90 vol % and 100 vol % (pure) of aMDEA, Henry’s law
constants were calculated by using Eqns. (B1) and (B2) as 0.439 and 0.304, respectively.
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APPENDIX C
Usage of Titration Method for Amine Strength
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Titration method to obtain amine strength

MNOP %

R#$
STUVW X0XYXZXM[\T]
=
R#$ ZX M[\T] + S
cTdefg X10
M[^_`a

where,

Vacid= volume of standard H2SO4 solution
N= normality of standard H2SO4 solution
F= factor of standard H2SO4 solution
Vsample = volume of sample taken
R = ratio of MDEA to water
MWwat = molecular weight of water
MWMDEA = molecular weight of MDEA
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APPENDIX D
Calculation of Energy Used for CO2 Absorption-Stripping Processes
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Calculation of Energy Used for CO2 Absorption-Stripping
For the case with 80 vol % aMDEA:

h

ij
= ∆JTlc + =×Ce ×∆m
iF+,-

Calculation of the heat of absorption

−∆JTlc

ij
= 0.155En + 0.241m o − 21.07
=#$?

wB (mass fraction of aMDEA)
Mass of aMDEA that will be presented in 1000 cm3 of 80 vol % of aMDEA solution

= 800×1.0218

F
= 817.44F = 0.817 iF
C=;

Rate of CO2 absorption = 6.85 cm3/min
Breakthrough time= 136 min
Volume of CO2 absorbed = 6.85 cm3/min x 136 min = 931.6 cm3 CO2
Volume of CO2 absorbed = 931.6 x10-6 CO2

Aqrs = 1.98

Mqrs = 1.98

En =

iF

=;

iF

:t ;
:;
=; ×931.6×10 = = 1.84×10 iF+,-

=<BB #* B#$R?>(

0.817 iF <MNOP
iF+,- = 1.84×10:; iF+,- = 444 iF <MNOP/iF +,-
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Calculation of Heat Capacity (cp)
Cp (J mole-1K-1) = 0.6799 T(K) + 58.078 = (0.6799 x 298) + 58.078 = 260.69 J/mole.K
Cp = 2.19 kJ/kg.K
−∆JTlc = 0.155En + 0.241 m o − 21.07
= 0.155 × 444 + 0.241× 298 − 21.07 = −119. 57 ij/iF+,-

h

ij
= ∆JTlc + =×Ce ×∆m = −119.57 + 0.817×2.19×298
iF+,= 413.62 ij/iF+,-

Q= 3.92 x 10-1 millionBTU/ton CO2
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